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MATERIAL AND ENERGY BALANCES FOR M E M N O L  FROH BIOMASS 
USING BIOMASS 6ASIFJERS 

The objective o f  the Biomass to Methanol Systems Analysis Project (BF15.3436) is 
the determination o f  the most economically optimum Combination o f  unit operations 
which will make the production o f  methanol from biomass competitive with or more 
economic than traditional processes with conventional fossil fuel feedstocks. 
One step in this process is the development o f  integrated methanol production 
simulation models. This' report summarizes the. development o f  simulation models 
for methanol production based upon the Institute o f  Gas Technology (IGT) 
"Renugas" gasifier and the Battelle Columbus Laboratory (BCL) gasifier. The IGT 
"Renugas" gasifier is a high-pressure, oxygen-blown, fluid-bed gasifier which has 
been operated a t  the 10 ton per day (TPD) pilot plant scale o f  operation on a 
number o f  biomass feeds and the 8CL g a s i f i e r  is a l o w  pressure indirectly heated 
gasifier which has a l s o  been operated at the 10-TPD scale. This report discusses 

methanol production technology, the IGT and BCL gasifiers, analysis o f  IGT and 
B C t  g a s i f i e r  data for gasification o f  wood, methanol production material and 
energy balance simulations, and one case study based upon each o f  the gasifiers. 

The IGT model was used to perform a simulation f o r  the Hawaii Natural Energy 

Institute (HNEI ) ,  assuming IGT's experiment 13-6 as input data. The simulation 
indicated t h a t  approximately 100.5 million gallons o f  methanol per year can be 
produced from 2,000 d tons per day (dTPD) o f  bagasse with an IGT gasifier 
operating at 1526 O F  and 319 p s i a .  The BCL model was used to simulate and BCL 
gasi  f ier/methanol synthesis system. The gasi f i er simul at i on i ncl uded operation 
at 1675 O F ,  20 psia,  and a quench step. The simulation indicated that 
approximately 110.5 million gallons per  year of methanol could be produced. 

An addendum to this report will be issued by the end o f  t h e  first quarter o f  

1992, in which the results o f  IGT gasifier operation at 1800 O F ,  and BCL g a s i f i e r  

operation with hot gas conditioning are shown. 
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Techno1 o w  Descri Dti on 

The thermochemical production o f  methanol from biomass involves the production 
of a synthesis gas rich in hydrogen and carbon monoxide which i s  then 
catalytically converted into methanol. Production o f  the synthesis gas i s  
accompl i shed by thermal gas i f i cat i on. 

The unit operations involved in methanol production from biomass are divided i n t o  
the following major areas: 1) feed preparation, 2) gasification, 3) synthesis gas 
modification, and 4) methanol synthesis and purification. In order to understand 
the need for these processing steps a brief discussion of the  chemistry of 
methanol production is required. Wood will be used as a typical biomass 
feedstock. Wood i s  a complex mixture (Graboski and Bain 1979) o f  organic 
compounds and polymers. The major types o f  compounds are lignin and 
carbohydrates (cell ul ose and hemi cell ul ose) whose ratios and resul ti ng propert i es 
are species dependent. Lignin, the cementing agent for cellulose is a complex 
polymer o f  phenyl propane units. Cell ul ose is a polymer formed from d(+)  -gl ucose 
while the hemicellulose polymer is based on hexose and pentose sugars. Wood has 
low ash, nitrogen, and sulfur contents. In order to estimate yields during 
gasification the complex material must be reduced to a simplified chemical 
formula, such as CH,.,OO.,. Elements such as sulfur and nitrogen are typically 
present in very small amounts and do not need to be considered in terms o f  
overall chemistry. 

The combustion o f  wood can be ideally represented by: 

CH,.,OOD6 + 1.05 0, CO, t 0.7 H,O 

Oxygen blown gasification can be thought o f  as incomplete combustion or partial 
oxidation. Gasification using a minimum amount o f  oxygen can be represented by: 

CH,.,O,:, + 0.2 0, ---- > CO + 0.7 H, 

In cases where no oxygen is used an "ideal" gasification reaction can be 

represented by: 



CHI .000.6 ---- > 0.6 CO + 0,4 C + 0-7  H, (3) 

This pyrolysis reaction i s  endothermic and heat is needed to make the reaction 
proceed. This heat is provided by the oxidation reactions shown above or by 
indirect heat transfer. While these ideal reactions are simple, actual 
gasification i s  more complex and intermediate compounds such as tars and methane 
are formed which must be further processed before the synthesis gas can be used 
t o  produce methanol . 
Methanol i s  formed catalytically by the following reaction: 

CO + 2 H, <---> CH30H (4) 

It can be seen that two molecules o f  hydrogen are required for each molecule o f  
carbon monoxide. Gasification may produce a gas with a hydrogen to carbon 
monoxide ratio as low as one-half. In this case water is added and some o f  the 
carbon monoxide i s  used to produce hydrogen by the catalytic shift conversion 
react i on: 

co t H,O ---- > CO, + H, (5 )  

The methanol synthesis reaction i s  an equilibrium react ion and does not proceed 
to completion. In order to  obtain economic yields unreacted gas i s  recycled to 
the synthesis reactor. While not detrimental t o  process chemistry, inert gases 
such as methane must be purged from the system, resulting in loss o f  yield and 
an economic penalty. Concentrations o f  methane larger than one or two percent 
typically result i n  unacceptable economic penal t i e s .  Therefore, synthesis gases 
containing high levels o f  methane are steam reformed prior to methanol synthesis. 
The primary catalytic reforming reaction i s :  

’ CH, + H,O ---- > co + 3 H, ( 6 )  

In addition the  shift conversion reaction shown above also occurs i n  the  
reformer . 

- 2 



Carbon dioxide a1 so reacts with hydrogen t o  produce methanol but consumes more 
hydrogen per mole o f  methanol formed than when using carbon monoxide. Most o f  
the carbon dioxide i s  therefore removed f rom the  synthesis gas prior t o  methanol 
synthesis. 

With t h i s  knowledge o f  chemistry as a basis the unit operations can'be discussed. 
f igure  1 shows the major routes for product ion o f  methanol from biomass on a 
s impl i f ied bas is .  These routes differ primarily i n  the type o f  g a s i f i c a t i o n  
process chosen. 

Thermochemical Routes to Methanol from Biomass 
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The feed preparation section o f  a biomass to methanol process involves wood 
storage and handling, size reduction, and drying. Size reduction i s  process 
specific. Drying i s  performed to minimize feed degradation during storage and 
to optimize the overall process energy balance. Drying to 10% to 15% moisture 
content is accomplished using waste process heat. This waste heat may come from 
various unit operations i n  an integrated methanol production facility. for a 
system with an indirect  gasifier, t h i s  waste heat comes from hot flue gases 
produced during char combustion. For a direct oxidative gasifier system the waste 
heat comes from reformer furnace flue gases. The heat required to dry biomass 
from 50% moisture t o  10% moisture represents about 10% o f  the heating value o f  
the biomass. 

Gasifiers can be divided into three major classes: 1) air gasifiers, 2) oxygen \ 

gasifiers, and 3) indirect gasi f iers .  This classification is based primarily 
upon the method o f  supplying the heat necessary t o  drive the endothermic 
pyrolysis reactions, the carbon-steam reaction and the carbon-carbon dioxide 
reaction. Gasification i s  an old technology for converting coal and biomass into 
a gas which can be used i n  various technical processes. Coal gasification i s  
commercf a1 techno1 ogy used to produce substitute natural gas (Great P1 ains)  
gasoline and diesel fuel (Sasol), and methanol (Tennessee Eastman as an 
intermediate in acetic anhydride production and SASOL as an intermediate in 
formaldehyde production). Biomass gasification was used i n  Europe during World 
War I I  to supply energy for transportation, e l e c t r i c i t y  and heat. 

Biomass gasification has not been commercially developed i n  this country because 
o f  the abundant supplies o f  natural gas, petroleum, and coal, Because o f  the 
differences between coal and biomass, coal gasifiers are not directly usable for 
biomass gasification. Differences in reactivity (with biomass being more 
reactive) change required operating temperatures, pressures, and residence times. 
Difference in density between coal and biomass requires modification o f  the 
s o l i d s  feeding systems. The ancillary facilities, such as utilities and waste 
treatment can be applied to biomass gasif icat ion except that  biomass gasifiers 
do not require as extensive clean up for sulfur or nitrogen derived compound 
emissions as do coal gasifiers because o f  the low sulfur and nitrogen content o f  
wood. A number of gasifiers are being developed in this country, i n  Canada,in 



Europe, and in other countries to process biomass. Because o f  the high 
reactivity o f  biomass they are typically operated at lower temperatures than are 
coal gasifiers. To date, gasifier development has concentrated on production o f  
low and medium BTU gas f o r  use i n  electrical generation and as a substitute 
natural gas. Development has not been specific for methanol production. 

Air gasifiers use the oxygen in air to provide process heat. A portion o f  the 
feed is burned, and the heat of  combustion i s  used t o  gasify the remaining feed. 
The nitrogen present in’air acts as a di’luent in methanol production and leads 
to unattractive economics. Air gasification product can be used for electricity 
generation, and for ammonia synthesis. 

In order to reduce the amount o f  inert gas in the gasifier product stream 
relatively pure oxygen can be used i n  place o f  air. While the use of  oxygen will 
produce a gas suitable for downstream synthesis gas processing, oxygen i s  
expensive and accounts f o r  a large percentage o f  plant capital and operating 
costs. For example, oxygen costs $40 to $60 dollars per ton, and is typically 
used at the rate o f  0.25 to 0.35 ton oxygen per ton o f  biomass in oxygen 
gasification. This translates to a cost o f  $10 to $21 per ton o f  biomass 
processed. 

Oxygen g a s i f i e r s  are operated at both low and high pressure. A low pressure 
oxygen (LPO) gasifer presently being evaluated for biomass gasification i s  the 
Koppers-Totzek (K-T) gasifier. The K-T gasifier (Probstein and Hicks 1982, Chem 
Systems 1990) i s  an entrained f l o w  gasifier whose operation requires that tbe 
biomass be ground very f ine ,  minus 30 mesh (minus ca. 0.02 inches). The 
required comminution adds appreciably to feed preparation costs. Operation at 
low pressure in the presence o f  oxygen produces little methane and tars. The 
hydrogen to carbon monoxide ratio i s  less than one, comparable that o f  indirect 
gasifiers, The Union Carbide Corporation Purox (Keenan 1977) process has been 
developed for municipal sol id waste gasification. The hydrogen to carbon 
monoxide ratio in the produced gas is also less than one. 

High pressure oxygen (HPO) gasifiers are being developed to improve on the 
economics o f  LPO gasifiers. Typically these gasifiers are fluid bed gasifiers 



which are fed fairly large wood chips, e.9. minus 2 inches. Oxygen and steam are 
injected near or at the bottom of the reactor and react nith the wood, char and 
synthesis gas. Fluid bed reactors have the advantage o f  good mixing o f  the feed 
sol ids, uniform bed temperature, and rapid equilibrium between sol ids and gases. 
However, operation at high pressure favors the formation o f  methane. Operation 
a t  high pressure reduces gas i f ie r  capital cost and downstream compression costs, 
but downstream processing to remove or reform tars and methane adds appreciably 
to capital and operating costs. The Winkler and Institute o f  Gas Technology 
( X T )  gasifiers are representative o f  HPO f l u i d  bed gasifiers. The Tcxaco 
g a s i f i e r  i s  a representative HPO entrained f low gasifier. The Winkler and Teraco 
gasif iers have been developed for coal, The IGT gasifier (Evans et a1 198Ej i s  
designed for biomass operation and has been operated at the twelve ton per day 
scal e . 

Indirect (IND) gasifiers produce a solid carbon-rich char, see equation 3 ,  which 
i s  reacted with air i n  a separate combustor to provide process heat. This heat 
i s  transferred to the gas i f ie r  by circulation o f  hot inert solids, or by indirect 
heat transfer through the walls o f  the g a s i f i e r  or through the walls o f  heat 
exchange tubes. IND gasifiers typically produce a synthesis gas rich i n  carbon 
monoxide, and with  low carbon dioxide levels. In order to produce sufficient 
char to provide a l l  the heat necessary for gasification these gasifiers are 
normally operated at relatively low temperatures, 1300 to 1600 OF. A t  these 
temperatures synthesis gas yields are reduced and methane concentration i s  high. 
The addition o f  a catalyst may improve the hydrogen to carbon monoxide ratio 
substantially. Downstream reforming i s  required f o r  methanol synthesis. 
Operation o f  developmental reactors has been directed to production o f  medium BTU 
gas, not .toward methanol synthesis gas production. The Battelle-Columbus 
Laboratory (BCL) gas i f ie r  (Feldmann et al, 1988) and the University o f  Missouri- 
Rolla (UMR) gasifier (Flanigan et a1 1988) are typical o f  IND g a s i f i e r s  developed 
f o r  biomass processing. Both o f  these gasifiers have been operated a t  the p i l o t  

scal e . 

The synthesis gas exiting the g a s i f i e r  contains small amounts o f  tar and char 
which must be removed prior to downstream catalytic conversion operations. 
Typically, gasification systems use scrubbers to remove tars. While e f f i c i e n t  in 



contaminant removal scrubbers produce a dirty water stream which must be further 
processed. An alternatjve to scrubbing is hot gas cleanup. In coal gasification 
systems operated at high temperature tar removal i s  generally not required, and 
hot gas cleanup i s  directed toward removal o f  sulfur compounds. Hot gas cleanup 
systems are being developed for biomass gasifiers in Europe. The Studsvik MINO 
process (Rensfelt and Ekstrom 1989) in Sweden includes a catalytic tar conversion 
operation and has been operated at a p i l o t  scale. In France the Cruesot Loi re  
system (Philip 1986) uses a thermal tar conversion reactor, Research i s  ongoing 
i n  the United States in the area of hot gas cleanup for biomass gasifiers, but 
large pilot operations have not been undertaken to date. 

All unit operations downstream o f  the gas cleanup operation are commercial 
technology, although potentially improved technologies are being investigated. 
Steam-methane and steam-naphtha reformers are the primary method o f  production 
o f  hydrogen by the petroleum industry and have been operated for many years. 
Likewise, shift conversion reactors have been operated commercially for many 
years as a pmt o f  steam-reformer systems. In 1989 approximately 7,345 million 
gal 1 ons o f  methanol production capacity exi sted worldwide (Cracco 1989) using 
thermal conversion operations. Eighty-six percent o f  this production capacity 
uses steam-reforming operations followed by catalytic methanol synthesis. The 
primary commercial methanol synthesis processes are 1 icensed by ICI and Lurgi 

' 

A 1 iqu id  phase methanol synthesis concept i s  being investigated by Brookhaven 
National Laboratory ( Mahajan etal 1989) in which a novel liquid phase catalyst 
is used to catalytically convert synthesis gas to methanol at low temperature 
(ca. 110-130 "C) and low pressure (ca, 180-360 psia). Single pass conversions 
of 90 percent o f  the,limiting reactant, typically CO, with high selectivity, over 
95 percent, to methanol have been reported. Another liquid phase methanol 
process is under development by Air Products and Chem Systems (Studer etal 1989) 
in which a solid catalysts i s  suspended in an organic solvent. The process has 
been tested at the PDU scale, up t o  12 TPD o f  methanol production, f o r  extended 
periods o f  time on CO rich gases. Thermal efficiencies are reported to be 90-94 
X for the synthesis step. These single pass methanol synthesis processes will 
most probably be best utilized in conjunction with syngas generation processes 
producing low methane content syngas, or in a combined process where the 



unreacted methanol synthesfs gas is used for electricity generation. 

Technical development efforts for production o f  methanol from biomass are 
concentrated in the area of gasification. As stated before these efforts are 
primarily directed toward production o f  medium BTU gas for electrical generation 
or for fuel use and not f o r  synthesis gas production. However, results obtained 
are directly applicable to gasification f o r  methanol production. Gasification 
systems are being developed in the United States, i n  Canada, and i n  Europe. This 
discussion will concentrate on biomass gasifiers being developed in the United 
States . 

Five gasifier systems are actively being developed in the United S t a t e s  f o r  
biomass gasification. These systems are listed below: 

- Battelle Columbus Laboratories (BCL)  
- Institute o f  Gas Technology (IGT) 
- Manufacturing and Technology Conversion International 

- Syngas, Inc. (SGI) 
- University o f  Missouri-Rolla (UMR) 

Incorporated (MTCI) 

' BCL Gasifier 

The BCL gasifier system (Feldmann et.al,, 1988) is a dual bed IND gasifier system 
operated in an entrained f l o w  mode. Heat for gas i f ica t ion  i s  supplied by hot 
sand recircul at ing between a separate combustion vessel and the gasifier. 
Residual char remaining after gasification of the wood provides the fuel f o r  the 
gasifier. The system has been operated at a 25 ton per day scale in pilot plant 
operation. The gas i f ie r  produces a synthesis gas w i t h  a low hydrogen to carbon 
ratio, high methane content and some tars. For methanol production the tars will 
have to be removed and the methane reformed to produce a suitable synthesis gas. 
The pilot 
sufficiency 
temperature 
purge gases 

system has been operated under conditions giving energy self 
on a g a s i f i e r  stand alone basis.  It i s  possible t h a t  higher 
operations are possible in an integrated plant where a port ion o f  

from the methanol synthesis loop can be used t o  make up shortfalls 



in heat avai lable  from char combustion. At higher temperatures tar yield and 
methane content w i  17 both be reduced . 

IGT Gasifier 

The IGT gasifier (Evans et,al., 1988) i s  a HPO gasifier'operated in the fluid bed 
mode. Oxygen and steam are introduced near the bottom o f  the fluid bed reactor. 
Oxygen reacts with a portion o f  the feed and gasification products to supply the 
heat required for gasification. The system is designed to produce a medium BTU 
gas from biomass a t  moderate temperatures, 1400' to 1800'F and high pressures, 
100 to 350 psia. The IGT gasifier has been operated at a 12 tons per day scale. 
The product gas is high in methane and contains some tars. For methanol 
production tars will have to be removed and the gas reformed to reduce the 
methane concentration. 

MTCI Gasifier 

The MTCI gasifier (MTCI 1990) is an IND gasifier operated in the f l u i d  bed mode 
a t  moderate temperatures, ca. 1200' to 1300'F and atmospheric pressure. Heat for 
the gasification reaction is supplied indirectly through heat exchange tubes 
placed in the fluid bed. A pulse combustion system is used to increase the rate 
of heat transfer from the combustion flue gas t o  the fluid bed. To date natural 
gas has been used as the fue l  f o r  combustion, but a portion o f  the produced gas 
would probably be used for commercial operations. In addition to the high heat  
t ransfer  rate, operation o f  the system is characterized by the use o f  a catalytic 
fluidization solid which results in product gases having high hydrogen to carbon 
monoxide ratios. As- f o r  the previous gasifiers the product gas contains methane 
and tars and will require cleanup and reforming in commercial operations. Only 
1 irni ted pilot runs have been performed at a 0.4 ton per day scale. For methanol 
production ta rs  will have t o  removed, and the gas reformed to produce a suitable 
synthesis gas, assuming operation at conditions comparable pilot operation 
conditions. 

SGI Gasifier 



The SGI gasifier (Reed e t ,  al., 1988) is a stratified downdraft gasifier which 
can be operated using air or oxygen as a LPO or HPO gasifier. The system has 
been operated on a limited basis as a HPO gasifier at the 24 ton per day scale. 
Original development o f  the gasifier was performed by the Solar Energy Research 
Institute f rom 1981 to 1985. The technology was licensed t o  SynGas, Znc., in the 
mid 80's for commercial development, The u n i t  operates as a moving bed g a s i f i e r  
with co-current flow o f  oxygen or air in a downward direction. The design 
produces a minimum o f  tars, The system is designed to produce a low to medium 
BTU fuel gas containing a l o w  hydrogen t o  CO ratio, some methane, and some tars. 

UMR Gasifier 

The UMR gasifier (Flanigan et .a l . ,  1988) i s  an IND gasifier operated as a fluid 
bed reactor with heat supplied via heat exchanger tubes internal to the bed. 
Heat i s  supplied by high temperature combustion flue gas. In p i l o t  operations 
natural gas has been used f o r  combustion fuel, but i n  commercial operation char 
or a portion o f  gasifier product gas would be used. The system has been operated 
at the 3.6 short ton per day scale at relatively l o w  temperatures. Operation at 
low temperatures gives higher char and tar yields and lower gas yields than the 
other gasifiers under development. Temperature may be 1 imited by maximum 
indirect heat transfer rates, The gas will have t o  be 'reformed and tar 
destruction will be required to make a suitable synthesis gas feed. Because o f  
operation a t  low temperature the tar production in this gas i f ie r  i s  an order o f  
magnitude larger than in the other gasifiers. Higher temperature or catal; 
bed operation o f  the system would produce a product stream similar to that o f  
MTCI gasifier. 

To sumarize technology status, a number of gasifiers are under development which 
have the potential to produce a synthesis gas suitable f o r  methanol synthesis. 
These gasifiers are operating in the 4 t o  25 ton per day scale. All syscems 
under development are designed to produce a low to medium BTU fuel gas. None o f  
the systems have been operated on an integrated process basis t o  determine 
operating parameters necessary for maximum methanol production. All downstream 
synthesis gas operations are commercial technology i n  which operating conditions 
and yields are known, 



Analysis o f  IGT Biomass Gasification Data 
The objective o f  modeling the IGT gasification experimental data was to put the 
gasifier yield data in a form which could be used as input information in the 
ASPEN material and energy balance simulation. The experimental data were taken 
from the 1988 IGT report to Pacific Northwest Laboratories (Evans e t .a l . ,  1988). 
The following procedure was used convert the experimental data: 
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1. 

2. 

3.  

4. 

The experimental gasifier results given by Evans were input into a 
Lotus Spreadsheet. The data are given i n  Appendix 1. 

The experimental yield was modified - t o  force a 10& material 
balance. The modified data are given i n  Appendix 1. 

Yields and gas compositions were correl ated usi ng I i near 1 east 
squares fits as polynomial functions o f  temperature. The least 
squares results are given in Appendix 2. A summary o f  gasifier 
conditions, feed properties, and yield correlations is given in 
Appendix 3. 

The yield correlation were then used to generate ASPEN input data. 
The, gasifier reactor model used t o  represent the gasifier in the 
ASPEN simulation is a R-YIELD reactor i n  which a chemical reactor is 
simulated by specifying component yields. This type o f  reactor is 
used when reaction stoichiometry and kinetics are unknown but yields 
distribution data or correlations are available. The ASPEN input 
data are shown in Appendix 4. 



ASPEN Model for the  fGT G a s i f i e r  System 

The IGT gasifier based system simulated f o r  this study is given by Figure 2. The 

major process components simuf ated were: 

1. Feed dryer 
I 

2. Gasifier with no quench 

3. Preformer: This reactor operates much l i k e  a naphtha preformer where 
higher hydrocarbons are converted to methane. The preformer was 
simulated as a stoichiometric reactor 

4. Reformer: In the reformer methane reacts with steam to produce 
hydrogen and carbon monoxide. This reactor was modelled as a RGIBBS 
reactor, assuming equilibrium based upon minimization of  Gibbs Free 
Energy. The reactions included in the simulation were the steam 
reforming reaction, the water gas sh i f t  reaction, and the CO 
decomposition reaction to form carbon and carbon dioxide. A steam 

reforming lack of equilibrium was assumed by using a minus 15 OF 

approach temperature for the steam reforming reaction. 

5. Acid gas removal and recycle: This module i s  not rigorously modelled 
i n  t h i s  present simulation. The product stream is cooled and 
separat ion i s  forced by the simulation program. This module should be 
changed in the future to simulate a Benfield or Catacarb unit. A 

portion o f  the recovered carbon dioxide is recycled to the preformer. 

6. The methanol compressor is modelled as a centrifugal compressor. 

7. Methanol synthesis: The methanol synthesis i s  simulated as an 
equilibrium reactor. The reactions used are the methanol r e a c t i o n  and 
the water gas shift react ion.  





8. Methanol recovery i s  simulated by cooling the methanol reactor product 
stream, and performing a flash calculation. The raw methanol stream 
i s  removed. Methanol p u r i f i c a t i o n  i s  not simulated. A portion o f  the 
remaining gas i s  recycled t o  the methanol reactor, and the rest i s  sent 
t o  the reformer furnace. 



9. Reformer furnace: Methanol synthesis purge gas is burned using a 
stoichiometric reactor The assumed approach temperature between 
furnace flue gas and reformer e x i t  temperature i s  100 OF. The. flue gas 
from the reformer furnace i s  used t o  raise process steam, then fed to 
the dryer, 

10. Steam Generation: Water i s  heated using the heat given o f f  in the 
methanol synthesis reaction, and in cooling excess water from the acid 
gas removal operation. . The amount o f  excess steam i s  dependent upon 
heat recovery i n  the acid gas plant. Future changes in the simulation 
will improve the accuracy o f  t h i s  value, and a f f e c t  the amount of 
el ectri c i  ty requ i red 

11. Electricity Generation: Excess steam i s  fed to a steam turbine for 
production o f  process electricity. 

A l i s t i n g  o f  the simulation program i s  given in Appendix 5: 



IGT Case Study 

The IGT simulation model was used t o  perform a simulation for the Hawaii Natural 
Energy Institute (HNEI). For this case study HNEI requested that  fGT's 
experiment 13-6 be used as input data. Therefore, the data from this experiment 
were normal ized to ASPEN input farm. The normal ization procedure i s  given in 
Appendix 6. The preliminary analysis i s  given below. In summary, the simulation 
indicates t h a t  approximately 100.5 million gallons o f  methanol per year can be 
produced from bagasse using a 2000 dTPD IGT gasifier operating at 1526'F, and 319 
psia. This production rate compares t o  101.5 millfon gallons per year predicted 
by Chem Systems (Chern Systems, 1990) for the same gasifier operating at  1800°F 
and 500 psia. 

Basis:  2000 dTPD Feed 

r .  

- 11. 

Feed 

System 

b. 

d.  
e. 
f. 
9-  
h. 

a. 

C. 

Feed : 

Analysis defined per Hawaii System A data 

Con f i gur a t i on : 
Feed dryer 
Gasifier with no quench 
Preformer 
Reformer 
Acid gas removal 
Compression 
Methanol Synthesis 
Purge Gas Combustion ( Reformer heat input) 

Total  1 . 333E+09 1 b/yr HHV = 0.1439EtlU Btu/hr 
Carbon 006387E+09 1 b/yr 

I I I . Product Streams: 

A. Methanol: 
Overall 

2582.411 lbmol/hr = 100.45 MM gal/yr = 0.66196E+09 lb/yr 
49.65 % of  dry wood 
HHV = 64,290 Btu/lb = 0.8072Et09 Btu/hr = 56.10 X 

0.2481Et09 = 38.84 % o f  carbon in 
Carbon 

B. Carbon Dioxide 
Overall 0.89894€+09 1 b/yr 
Carbon 0.24534E+09 Ib/yr = 38.41 X 

I V .  Carbon Balance Check 
1 b/yr % 



Methanol 
c02 
Flue Gas 
Assoc. MeOH 

Total  

0.2481E+09 38.8 

0.1234EtU9 19.3 
OO0236E+09 

100.2 

0.8453Et09 38.4 

3.7 (Assoc. CO, CO2, CH4) 
--I-- 

V .  UNIT OPERATIONS 

A. Dryer 

T = 22U'F 

Qd = 0.008876E49 Btu/hr = 0.62 % 
Qwg = 0003265E+09 Btu/hr = 2.27 % 
Qcond = 0.2295E+09 Btu/hr = 15.95 % 

8. Storage 

Not used in this case 

C. Gasifier 

T = 1526'F, P = 319.1 psia 

Qg = 0.0303Et09 Btu/hr = 2.11 X +2.7 X IGT correction = 4.81 X 

D. Sol i d  Separation 

Ash = Oe0014E+09 = 0.10 X 

E .  Air Compressors 

Air 1 3916 1 bmol/hr 
A i r  2 50 
A i  rx 6000 
Refgasl 4000 
Ambai r 5500 833.11 hp ----- 

19466 1 bmol/hr 

Total  air compressor horsepower: 

(19466/5500) * (833) = 2948 hp = 3000 hp 

Cost estimate 

Reference: Garrett , D . E. , Chemical Ensineeri na Economics, 
using f igure  on page 271 

Use 3 compressors, 1000 hp ea, 150 psia rating, 
Add 1 compressor as spare 



Purchase Price = 560,000 (1987) 
Module factor = L 6  
No. units = 4 

Installed Cost (1987$) = 60,000 * 2.6 * 4 = $624,000 

F. Reformer loop 

1. Inlet Conditions 

T = 1261.F 
P = 319.1 psia 
Steam Added = 6200 Ibmole/hr 

2 Preformer - Converts non-methane hydrocarbons 

T = 1196'F 

3 .  Preheater 

Tout = 1404'F 
Q = 0.04773yO9 Btu/hr 
A = 1595 ft 

4. Reformer 

T = 1600'F 
P = 319.1 psia 
Q - -0.1744E+09 Btu/hr 

Gas Compos i t i  on 

Comp Mole X Mole % Dry 

26.38 47.39 
22.08 
29.96 

H2 
12.29 co 

c02 16.68 _ - -  
H20 
CH4 

44 . 33 
0.31 

H2/CO 2.15 

5 .  C02 recycle 

Product/Recycl e = 2553/1258 = 2.03 

G .  Methanol Synthesis 

1. Compressor 2 

-I- 

0.56 

Pin = 319 psia  
Pout = 750 p s i a  



Tin = 300'F 
Tout = 514'F 
q = 0.95 
Hp = 6248 = 6250 

Cost estimate : 

Reference: Garrett ,  D.E. Chemical Enqineerinq Economics, 
from f igure  on page 272 

Use 3 compressors (2 + 1 spare) rated a t  3200 hp ea 

Base Cost '(1987$) = $650,000 
Number = 3  
Module factor  = 2.6 
Stainless steel = 2.5  
Pressure fac tor  =, 0.9495 

C o s t  ($1987) = 3 * 650,000 * 2.6 * 2.5 * -9495 
= 12.04 MM $ 

This  cost  compares t o  7.6 MM$ in Chem Systems report  for 
Pin = 500 psia.  

2. H t r  5 (Recycle Preheat - to el iminate condensation i n  recycle 
compressor) Q =r -0.0038E+09 Btu/hr 

3.  Recycle Compressor; 30 HP 

4.  Htr 6 ( Used to  Balance compressor preheat) 

Q = .00456€+09 Btu/hr 

0.00456 > 0.00381 O.K. 

5 .  Methanol Synthesis 

T = 445*F, P = 750 p s i a  
Q = 0.1144E+09 Btu/hr 
Note: Q + Agas Cooler Q used for steam production 

6. Product Cool ing Q = 0.0825Et09 Btu/hr = 5.73 X 
Not used i n  present case 

7. MeOH Separation 

Q = 0.000408E+09 = 0.03 % 

Raw Product Liquid Composition 

Comp 1 bmol/hr Mole % 



H2 
co 
co2 
H20 
CH4 
MeOH 

3.11 
1.33 

242.11 
63.04 
2.71 

2582.42 

0.10 
0 . 005 
8.36 
2.17 
0,009 

89.21 

8. Recycle/Purge = 4360/2147 = 2.03 

H. Reformer Combustor (Furnace) 

1. , A i r  .Compressor - shown earlier i n  sect ion 11-E as ambair 
compressor. 

2. A i r  Preheater 
Q = 0.0443€+09 8tu/hr 
A = 472 ft 

3 .  Feed Gas Preheater 
Q = 0.0111€$09 
A = 169 ft 

4. Combustor 

I .  Steam Balance 

1. Generated 

T = 1743 "F 
reformer furnace. 

> 1700 O F  (Assumed 100 O F  approach i n  

Excess Heat = 0.002667€+09 Btu/hr = 0.18 % 

18,650 lbmol/hr a t  319.1 psia, 902.1'F. 

2. Steam G - 5365.9 lb-mol/hr 
Steam - 6200 lb-mol/hr 
Steam02 - 1800 Ib-mol/hr 
Steam2 - 5284 lb-mol/hr 

3. Steam Turbine 

Inlet: T = 900.9.F 

E x i t :  T = 213.1.F 

P = 319.1 p s i a  
G = 5284 lb-mol/hr 

P = 15.0 psia 

Electricity = 0.02987Et09 Btu/hr = 2.08 % 

Generator Loss = 0.0016Et09 Btu/hr = 0.11 % 
Steam Condensation = 7.30 % 

= 8.75 MW 

K. Pret iminary Electrical 
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Water Pump 
Air Comp 
MeUH Camp 
Recycle Comp 

Subtotal 

Dryer/Conveyer/Feeder 
Acid Gas 
M i  sc 

L. Energy Balance 

Methanol 
Dryer 
Wet Gas 
Condense 1 
Gasi f i er 
Ash 
Water 
MeOH Cool 
W Turb 
Gen. Loss 
Comb Excess 
Steam Cond 

118.4 lip 
3000 
6250 

30 ----- 
9398.4 Hp = 7 MW 

56.10 
0.62 
2.27 

15.95 

0.10 
4.06 
5.73 
2.08 
0.11 
0.05 
7.30 

99.31 

4.81 

----- 



Gas Compos i t f on, Major Streams 

Comp \ Stream Gasi f ier  Oreformer Preformer Reformer Methanol Methanol Recycle 1 Product Feed Product Product Feed Product Gas 

H2 
co 
co2 
H20 
CH4 
C2H4 
C2H6 
MEOH 
C6W6 
C6H60 
C7H80 
C 1 OH8 
C14H10 

1 b-mole/hr 
T ,  deg F 
P, ps la  
H, Btu/l b-mole 
H/C 

. - l - - - - " - - ~ - - ~ - - l o ~ - " - - I - - - - - g - - ~ ~ ~ " ~ - ~ ~ ~ ~ ~ g ~ ~ - " - - ~ ~ ~ ~ - ~ ~ ~ - - - ~ - - - o ~ ~ - - . ~ - - - ~ - - - w - - - - - - - - -  

17.11 11.22 12.81 26,38 66 . 38 50.13 72.39 
I 7.10 12.28 24.16 7.71 11.13 8.75 5.74 

21.37 19.02 19.41 16.68 5.98 11.52 12.92 
1 43.33 57.02 54.49 44 b 33 1.87 0.67 0.00 

8.43 5.53 6.15 0.31 1.56 2.42 0.09 
0.01 0.01 
0.62 0.41 ~ 

I 

0.1600 0.1100 
0 . 0080 0 . 0054 
0.1600 0 . 1000 
0 . 0070 0 0045 

I 0.0050 0.0033 1 
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Analysis o f  BCL Biomass Gasification Data 

The objective o f  modelling the BCL gasification data was to put the gasifier 
yield data in a form which could be input into the ASPEN process simulator. The 
experimental data were taken from the 1988 BCL report to Paci f ic  Northwest 
Laboratories [Feldmann eta1 1988) 
the experimental data: 

The following procedure was used to convert 

1. 

2. 

3. 

The experimental results were input into a Lotus Spreadsheet and 
normal ized to force a 100 % material balance. The data are given i n  
appendix 7 . 
Yields and gas composi ti ons were correl ated using 1 i near 1 east squares 
fits as polynomial function o f  temperature, The least squares results 
are given i n  Appendix 8. A summary o f  g a s i f i e r  conditions, feed 
properties, and yield correlations is given in Appendix 9. 

The yields correlations were then used to generate ASPEN input data. 
These input data a given in Appendix 10. 



ASPEN Model for the BCL Gasi f ier  

The B C t  gasifier based system simulated for t h i s  study i s  given by Figures 3 and 
4. The major process componenetsa simulated were: 

1. Feed dryer 

2. Gasifier with- quench. The gasifier was modelled as a RYield 
reactor. The hot sand heating system was simulated by sand 
heating loop and char/tar/methanol combustion loop. Heat 
requirements were satidfied, but the  hot sand stream was not 
actually mixed wi th  the g a s i f i e r  stream. A recycle gas stream 
was simulated in the same manner. 

3. Reformer Compressor 

4. Preformer/Reformer: The modules was simulated in the same manner 
as for t h e  IGT case. 

5. Acid gas removal and recycle: 
same manner as for the IGT case. 

This module was simulated i n  the 

6. Methanol compressor: This module was simulated as three stage 
centrifugal compressor with intercool ing. 

7. Methanol synthesi/retovery: Theses modules were simulated in the 
same manner as for the IGT case. 

8. Reformer furnace: This module was simulated i n  the same manner as 
for the IGT case. 

9. Steam Generation: This module was simulated i n  the same manner 
as in the IGT case. 

10. Electricity Generation: There was no electricity generation i n  
this simulation. 

A listing o f  the sirnulation program i s  given in Appendix 11: 







Battell e Col urnbus Case Studv 

The BCL simulation model was used t o  perform a simulation o f  base condition 
yields i n  which the raw gas leaving the gasifier was quenched and tars removed 
before entering the reformer train. The preliminary analysis i s  given below. 
In summary, the simulation indicates tha t  110.5 million gallons o f  methanol per 
year can be produced from 2000 dTPD wood. This production rate compares w i t h  
123.8 million gallons per year estimated in 1990. The differences are caused 
primarily by a more detailed study o f  dryer and steam generation heat 
requirements which have indicated tha t  a larger purge gas stream from the 
methanol synthesis loop i s  required t o  meet process heat duty. 

- I .  Svstem Confiauration 

a. 

C. 
b. 

d .  
e. 
f. 
9. 
f. 
9. 
h. 

Dryer 
Gasifier with quench and product gas recycle 
Combustor 
Reformer Compressor 
Pref ormer 
Reformer 
Acid gas removal 
Methanol synthesi s compressor 
Methanol synthesis 
Reformer furnace 

A- I1 Feed 

Total 1.333Et09 lb/yr HHV = 1.437E+10 Btu/hr 
Carbon = 0.6784E+09 1 b.yr 

111. Product 

A. Methanol 
2840 lbmol/hr = 110.5 MM gal/yr = 0.7281E+09 Ib/yr 
54.6 X o f  dry wood 
HHV = 64,290 Btu/gal = 0.8878€+09 Btu/hr = 61.78 % 
Carbon = 0.2729Et09 lb /hr  = 40.23 % 

B. Carbon Dioxide 
Overall = 0.4966Et09 1 b/yr 
Carbon = 0.1355Et09 lb/yr 

- I V .  Carbon Balance Check 

Methanol 
Carbon Dioxide = 0.1355E+09 = 19.97 



Reformer Flue Gas = 0.0633Et09 = 9.33 
Combustor Flue Gas = 0.1899€+09 = 27.85 
Assoc. MeOH = 0.0232Et09 = 3.43 

The difference i s  caused by small lack o f  closure i n  gasifier 
carbon bal  ance . 

\ 

------- 
100.81 

Temperature = 220.F 
Pressure = 14.7 psia 
QD = 0.0022SE+09 Btu/hr = 0.16 % 

Vf. Gasi f ier  

Temperature = 1675.F 
Pressure = 20 psia 
Gasi f ie r  Feed: . 

Dry wood = 166,667 lb/hr 
Moisture = 16,973 lb/hr 
Steam = 66,360 Ib /hr  (lOOO:F, 25 psia) 
Hot sol Ids = 6,000,000 Ib/hr (1975 F) 
Sol ids/wood = 36 7 b/l b 
Recycle Gas = 103,300 lb/hr  (1675.F) 

Temperature = 1OO'F 
Pressure = 20 ps ia  
Water treatment rate = 310,000 gph = 5,168 gpm 

Quench 

VII. Combust or 

Circulation Material - S i O  
Heat capacity = 0 .2  Btu/lbf'F 
Circulation Rate = 6,OOO,OOO lb/hr 
Combustion feeds: 

MAF char = 25,435 lb /hr  
Tar = 1,541 lb/hr  
Methanol = 801 lb/hr 
A i r  = 285,447 lb/hr 
Compressor Requirements, 25 psia ,  2,677 hp 

Reference: Garrett, D.E. Chemical Ensineerins Ecunomics, 
using figure on page 271 
4 - 900 hp compressors ( 3 t 1 spare) 
Purchase Price = $59,000 (1987$) 
Module factor = 2.6  
No. Units = 4 
Installed Cost  = 59,000 * 2.6 * 4 = $613,600 

Compressor Cost estimate 

v m .  Reformer ComDressor 



Modelled as a 4 stage centrifugal compressor with intercooling. 

Exit Temperature = 267.6.f 
Exit Pressure = 200 psia 
Intercool er Temperature drop = 75" F 
Efficiency = 95 X 
Cool ing Required = 0.1223E+08 Btu/hr 
Work Required = 8,393.53 Hp 
Compressor Cost Estimate 

Reference: Garrett, D.E. Chemical Enaineerinq 
Economics, using figure on page 272 
4 - 2800 hp compressors ( 3 + 1 spare) 
Purchase Price = $600,000 (1987f) 
Module factor = 2.6 
Stainless Steel = 2.5 
Pressure factor = 0.7485 
No. Units = 4 
Installed Cost = 600,000*2.6*2.5*.7485*4 

= $11,676,000 

- IX. Reformer LOOD 

A. Inlet Conditions 
Temperature = 267 . 6'F 
Pressure = 200 psia  
Steam Added = 8,000 1 binol/hr 

B. Preformer - Converts non-methane hydrocarbons 
Temperature = 1OOO'F 

C. Preheater 
Temperature Out = 1571'F 
Q = 0.0937Et09 Btu/hr 
A = 16,152 ft2 

0. Reformer 
Temperature = 1600" 
Pressure = 200 psia 
Q = -0.1112Et09 Btu/hr 

Gas Composition 

Comp Mole X 

H2 34.04 
CO 18.79 
co2 14.38 
H20 32.24 
CH4 0.55 

Mole X dry 

50.24 
27.73 
21.22 

0.81 
--- 

E. CO, Recycle 



Product/Recycle = 1410/1154 = 1.22 

- X. Methanol Recycle 

A. Methanol Compressor 

Pin -= 200 p s i a  
Pout = 750 psia 
Tin  = 425'f  
Tout = 714.4.f 
Efficiency = 0.95 
Modelled as 3 stage centrifugal compressor with intercooling. 
Work Required = 11,727.3 Hp 
Heat Removed = 0 . 007599Et09 Btu/hr 

Cost  Estimate : 
Reference: Garrett, D.E.  , Chemical Enaineerinq Economics, 
using f igure on page 272 
No. Comp = 4 (3 + 1 spare) @ 3940 Hp ea 
Base Cost  (1987 $) = $605,000 
Module Factor = 2.6 

B. 

C. 

D. 

E. 

F. 

6. 

Stainless Steel = 2.5 
Pressure factor = 0.9495 
Cost = 6O5,O0Of4*2. 6*Z 5'0.9495 = $14,935,600 

Heater 5 (Recycle Preheat = to eliminate condensation in recycle 
compressor) Q = 0.002901Et09 Btu/hr 

Recycle Compressor: 22.3 Hp 

Htr 6 ( Used to balance compressor preheat) 
Q = 0.01326Et09 8tu/hr > .002901€+09 (ok) 

Methanol Synthesis 
Temperature = 445' 
Pressure = 750 psia  
Q = -0.1282E+09 Btu/hr 
Q used for steam production 

Product Cool ing Q =: 0.0826Et09 Btu/hr 
Not used in present case 

Methanol Separation 
Q = 0.0003882E+09 8 
Raw Product Liquid 
Comp 
H2 
co 
c02 
H20 
CH4 
MEOH 

;tu/hr 
Composi t i  on 

1 bmol e/hr 
2.82 
3.09 

233.45 
18.41 
5.28 

2865 . 25 

Mole X 
0.09 
0.10 
7.46 
0.58 
0.16 

91.59 



H. Recycle/Purge = 3247/1599 = 2.03 

- XI.  Reformer Combustor 

A. A i r  Compressor 
Work Required = 832.3 Hp 
Air Rate = 5500 1 b-mole/hr 
Exit Temperature = 135.1.F 
Pressure = 20 p s i a  
cost  

Reference: Garrett, D.E. Chemical Ensineerinq 
Jconomics, using figure on page 271 
No. Uni ts  = 3 ( 2 t  1 spare) 
Base Cost = $46,000 (1987 $) 
Module factor = 2.6 
Cost = 46,000 * 2.6 * 3 = $358,800 

8. A i r  Preheater 
Q = 0,04198E+09 Btu/hr 
A = 425 ft2 

C. Feed Gas Preheater 
Q = 0.00530?E+09 Stu/hr 
A = 55.4 f t  

D. Combustor 

T = 1730'F > 1700'F ( Assumed 100'F approach temperature i n  
reformer furnace . ) 
Excess heat = 0.001752E+09 Btu/hr 

- XII. Steam Generation 

11,750 lb-mol/hr a t  1036'F, 200 psia 

Steam Required: 
Gasifier: 3,684 lbmol/hr 
Reformer: 8,000 Ibmol/hr 

Total : 11 , 684 1 bmol/hr 
_ _ c _ - -  

XIII. Preliminary Electrical 

Quench Pump 17.61 Hp 
Steam Gen Pump 47.60 
Gasi f ie r  Air Compressors 2,677 

Reformer Air Compressor 832 

Reformer Compressor 8,394 
Methanol Compressor - 11,727 

------"- 
Subtotal 23,695 Hp = 17.7 MW 



To Be added: 
Dryer/Conveyer/Feeder 
Acid Gas 
M i  sc 
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APPENDIX 1 



IGT GASIFIER DATA 

i Gasifier Cadi t ions  

I 
I 
I 

I 
I 
I 
I 
I 

Ttapcraturc, deg F 
Pressure, p i e  

Moisture, w t  X 

Stem, lb/lb W 
Oxygen, Lb/lbBDY 
Stem, lb/lb BDU 
Total HZO, Lb/Lb BDY 
Prod Gas, SCF/hr 
Gas W r f i c i a L  Vel, f t / s  I 

Yct Feed Rate, lb/hr 

0xysen# lb/lb w I 

I500 
323-7 
813.4 
8.35 
0.21 
0.79 
0.23 
0.84 
0.953 

2.20 
n8646 

1650 
323. 7 
690.6 
9 3 0  
0.25 
0.71 
0.28 
0.78 

0.890 
27,154 

1-93 

1800 
308.7 
731 -9 
9.70 
0.34 
O n 6 0  
0.36 
0.66 

0.772 
31,218 

2-49 

1390 
308.7 
n4.3 
10.47 
0.17 
0.77 
0.19 
0.86 

0.977 

1.80 
27,662 

1500 
311.7 
693.5 
1o.n 
0.24 
0.86 
0-27 
0.96 

1.083 
31,155 
2.13 

1510 
308.7 
750.4 
11.15 
0.22 
0.65 
0.25 
0 . n  

0 -057 
30,371 
2-11 



Char, w t  X (mf) 

Gas Yield, Calc wt X 
Gas C Yield, w t  X 

D r y  Gas, SCF/lb BDU 
Yet Gas, SCF/lb BDU 

i 
1 

I 

H2, m l e  X . 
co 
co2 
CH4 
c2Hb 
C2H6 
C3H8 
c6H6 
#2 
HZO 
M 

TOTAL 

iosa 
6.09 
15 .a 
7-39 
0.10 
0.27 
0.00 
0.08 
17.08 
t2.n 
0.00 

100.00 

11-82 
6.38 

17. 15 
7.39 
0.00 
0.03 
0.00 
0.29 

15.42 
41 -52 
0.00 

100.00 
----- 

13.58 
9.92 

15.49 
5 -29 
0.00 
0.00 
0.00 
0.00 

16.23 
34.96 
4.53 

100.00 
----- 

9.62 
4.07 

15.92 
6-20 
0.10 
0.84 
0.02 
0.21 

14.93 
48-09 

0.00 

100.00 
----- 

8.08 
5.36 
13.98 
5 0% 

0.08 
0.45 
0.00 
0.12 

15.17 
45.44 

5 -37 

YOO.00 
----o 

9.97 
6.63 

15.04 
6.70 
0.19 
0.31 
0.00 
0.21 
17.45 
39.00 
4.42 

100.00 
----- 

12.77 
7.35 
ia.a7 
8.92 
0.12 
0.33 
0.00 

51 0 6 4  

100.00 
----- 

14.02 
7.57 

20 -35 
0.77 
0.00 
0.06 
0.00 

49.26 

100.110 
----- 

17.14 
12.52 
19.55 
6.68 
0.00 
0.00 
0.00 

44.12 

100~00 
----- 

11 -34 
4 -80 
18.76 
7.31 
0.12 
0.99 
0.02 

56.67 

100.00 
----- 

10.18 
6.76 

17-62 
7.50 
0. to 
0.57 
0.00 

57.27 

too.00 
----- 

12.80 
8.51 
19.30 
8.70 
0.24 
0.40 
0.00 

50.05 . ----- 
100.00 

21.49 21 A 5  21 A7 21 -55 21 .s7 21.74 
143.53 140.12 143.86 i2a.65 125.27 147.77 
172.05 167.96 172.44 154.22 150.16 177.14 



Gas c-8 dry/ inert free 
H2, mole X 
co 
m2 
cH4 ' 

C2H4 
QH6 
C3H8 

T O t M  

26.41 
15.20 
39.02 

0.2s 
0.67 
0.00 

100.00 

18.45 

*oa-a 

27.64 
14.92 
40.10 
17.28 
0.00 
0.07 
0.00 

100.00 
11-10 

30.67 
22.40 
34.98 
11.95 
0.00 
0.00 
0.00 

100.00 
---I- 

26.16 
11-07 
43.30 
16.06 
0.27 
2.20 
0.05 
1I-00 

100.00 

23.83 
15.81 
41.24 
17.55 
0.24 
1.33 
0.00 

100.00 
0.0-0 

25.62 
17.03 
30.64 
17.42 
0.49 
0.80 
0.00 

100.00 
-000- 

A v e  hi Vt, lb/tb =It 25.19 25.18 24.21 26.17 26.34 25 -47 
HHV, KJ/g mole ' . 296.80 276.15 257.43 2w.91 293.19 295.85 

I BTU~SCF (a 60 dea F) I 355.78 331 -02 308.s9 355.91 351 .LS 3%.& 
not C/ml Gas 0,745 0.724 0.m 0.765 0.m 0.757 

1.74 1.8s 1.37 2.36 1 .s1 1 .So 

(HZ- eat I/( 1 I -0.23 -0.23 -0.08 -0.32 -0 -31 -0 -23 

H2IeO 
(HP3CH4)/(eOcCH4) 2.43 2.47 1 .% 2.75 2.29 2.26 I 

I 
I - - - - -  

Gas Double Check 
HZ, lb/hr 18.7 16.9 22.6 14.0 13.3 16.0 
W 150.5 128.0 t28.8 83.2 123.4 148.0 
a2 606.9 540.7 561 -4 511 .3 505.7 530.3 
CHb 104.3 84.7 69.7 72.4 78.3 86.9 
CtHG 2.5 0.0 0.0 2.0 t .a 4 - 3  
c2H6 7.1 0.6 0.0 18.6 11.t 7.5 
C 3 H 8  0.0 0.0 0.0 0.6 0.0 0.0 
CbH6 5.5 16.2 0.0 12.0 7.7 13.1 
n2 422.0 309.3 374.3 305.1 349.2 391 -5 
H2u 679.6 535.5 518.3 631.0 672.4 562.5 

I - 000  -Do-- - - - o m  ----- I---- -o--- 

Tote 1 1997.1 1631 -9 1774.9 1650.8 1762.9 1760.9 
~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ o o ~ ~ ~ o o o ~ ~ * 1 ~ o ~ o ~ ~ ~ ~ ~ ~ o o o ~ ~ o o o , * ~ ~ ~ . ~ o o ~ ~ ~ ~ ~ ~ o 1 , ~ m o o o o o o m ~ , ~ o o o o ~ o ~ ~ o ~ o o ~ ~ o ~ ~ ~ ~ ~ ~  

HZ, mle/hr 9.276 8.383 11.111 6.966 4.597 7.937 
co 5.373 4.510 8.169 2.910 4.406 5.332 
ca2 13.790 12.286 12.756 11.618 11.491 12.050 
CH4 6.502 5.281 4.345 4.514 4,882 5 .4ia 
QH4 0.089 0 . 000 a. ooo 0.071 0.061 0.153 
C2H6 0.236 0.020 0 0 000 0.612 0.369 0.249 



tb W/hr 765.5 625 660.9 648.5 619.2 666.7 

12 Free vol 38.09 38.62 39-05 37.90 41 -67 37.44 
N2,C4H6 Free vol 38-06 38.53 39 . 05 37.92 41 -62 37.37 
D y  Gas Vol 21 16 25.62 26.08 22.97 23.86 23.78 

n2, molt X 10.53 11.72 16.15 9.53 8.49 10.38 
Q) 6.10 6.39 10.40 4.08 5-67 6.95 
m2 15.45 17.18 16.25 If -95 14.79 15-f5 
CH4 7.38 7.38 5 s3 6.20 6.20 7.08 

an6 0.27 0.03 0.00 0.194 0-48 0.33 
aH8 0.m 0.00 0.00 0.02 0.00 0.00 
c6H6 0.08 0.29 0.00 0.21 0.13 0.22 
N2 17-09 I S  0 4 4  17.02 14.95 16.04 18.27 

42.81 41.57 36.64 48.14 48.04 40.82 nto 
100.00 TOTAL 1m.00 100.00 100.00 100.00 100.00 

H2, mole X 12.71 13.91 17.05 11.23 10.13 12. n 
eo 7.36 7.58 12.56 4.81 6.76 8.52 
eoz 18.89 20 -39 19.58 18.80 17.64 19-33 

CzH4 0.12 0.00 0.00 0. 12 0.10 0.25 
c2H6 0.32 0.03 0.00 0.99 0.57 0.40 
csH8 0.00 0.00 0.00 0.02 0.00 0.00 

51 .a 49.32 46.16 56.73 57.30 50.08 H20 

100.00 100.00 100.00 100.00 100.(30 100.00 

Vol, SCF/ Ib  bdw 44.85 43 -41 4s. 07 42.62 47.60 43 . f 2  

~ o o ~ ~ ~ * o o o ~ l l ~ o l o ~ *  1 ~ ~ ~ o o ~ o . . * o g o ~ o ~ . o ~ ~ o . o ~ o ~ ~ ~ ~ ~ o o ~ ~ ~ ~ ~ ~ . ~ ~ ~ ~ o * - o ~ ~ ~ o ~ o o " ~ ~ o ~ o ~ ~ o . ~ * o ~ ~ ~ * o . - - o o - ~ -  

czH4 0.10 0.00 0.00 0.10 0.08 0.20 

---*o- ---om.. 0011-- -.--.- -om--- 11--11* 

~ ~ o ~ ~ ~ . ~ ~ ~ ~ ~ ~ ~ o o ~ g ~ ~ ~ ~ ~ ~ ~ o ~ ~ ~ ~ . ~ ~ o ~ ~ ~ ~ ~ ~ 9 ~ o o ~ 9 ~ o ~ ~ . ~ ~ ~ . ~ ~ o ~ ~ ~ - ~ ~ ~ ~ ~ ~ ~ o ~ ~ ~ ~ ~ 9 ~ ~ ~ o ~ ~ ~ ~ ~ ~ ~ ~ ~ o ~ ~ ~ ~ ~ ~ ~ ~ - ~  

Uet G8s 

CH4 0.91 8.76 6.67 7.30 7.50 8.69 

..I--- 1-19. ----- .am-- ----- - -9 - - 



t50U 
314.7 
765.9 
12.44 
0.21 
0.50 
0.24 
0.57 

0.713 
25,103 

t -70 

1465 
IW.? 
399.5 
12.08 
0.23 
0.62 
0.26 
0.71 

0.843 
17,918 

3.59' , 

1500 
2%. 7 

t029.7 
10.02 
0.20 
0.48 
0.22 
0.53 

0.645 
34,407 

2.47 

1450 

768.6 
7.71 
0.22 
0 .?4 
0.24 
0.80 

0.885 
30,164 

1.99 

314.7 
1520 
323.7 
742.1 
9.50 
0.23 
0.53 
0.25 
0.59 

0.692 
27,220 

1.81 

1510 
344.7 
826.9 
t5.02 
0.18 
0.00 
0.21 
0.00 

0.1?7 
27, R 

1.73 

F d  
Type 
Size 

Proximete m l y s i s  
Wisture,  w t  X 
Vola t i le  Hatter 
Ash 
Fixed Carbon (by d i f f )  

Total 

Ultimate Analysis 
Ash, w t  x dry 
Carttam 
WroOen 
Sulfur 
li t m g m  
Oxygen (by d i f f )  

Tota 1 
HHV, BtU/lb 

wc 
Chips 

12.66 
A.79 
0.43 

13.34 

100.00 
1.11- 

0.50 
69.54 
6.11 
0.02 
O.tO 

43.n 

100.00~ 
8476 

----I 

UIC: 
C h i p  

12.08 
74.09 
0.43 

13.40 

1oo.w 
1 - - 0 0  

O S O  
49-54 
6.11 
0.02 
0.10 

43.n 

100.00 
8476 

-*--.I 

YIC 
Chips 

10.02 
75.83 
0.44 

13.71 

IOO.w,  
--o-- 

0.50 
49.54 
6.11 
0.02 
0.70 

43.n 

100.00 
8676 

-1-11 

WC 
Chips 

7.71 
77.77 
0.45 

14.06 
----o 

ioa.00 

0.50 
49.54 
6.11 
0.02 
0.70 

43.A 

100.00 
8476 

--*-- 

PVI: 
Chips 

9.58 
74.61 
0.85 

14.96 

100.00 
---.- 

0.94 
48.51 
6.17 
0.04 
0.12 

44.22 

loo 000 
8330 

---I1 

wc 
Chips 

15.02 
70.13 
0.80 

14.06 

100.00 
I - - - -  

0.94 
48.51 
6.17 
0.04 
0.12 
44-22 

too.00 
8330 

----- 



I?. 18 12.67 
7.22 8.n 

18-83 21.45 
7.31 8.47 
0.14 0-01 
0.72 0.63 
0.00 0.00 

43.47 

100.00 100.00 
----- 53.31 

-11-1 

21 083 22.04 21 -59 21 063 24.90 
163.56 134.45 159.41 216.82 

2S9.91 

i 22.36 Ave uol W t ,  Lb/lb 
HHV, KJ/g a#lt  142.80 I 156.20 I 187.24 171 -17 196.06 161.17 191 .oS 

I , BTU/SCF {a 60 deg FI 
I 



Coup, dty/ inert free 
H2,, mlt X 
W 
eo2 
CH4 
C2H4 
c2H6 
C3Hs 

TOTAL 

22.66 
16-29 
40.E 
18.39 
0.62 
1.29 
0.00 

100.00 
- 1 - 0 1  

23.25 
22.38 
36.75 
15.05 
1.39 
1.14 
0.03 

-o.*. 

ioa.00 

23-8s 
21 -60 
35.90 
16.79 
0 -62 

' 1.24 
0.00 

100.00 
...oo 

26.70 
15.46 
40.33 
15.66 

1.55 
0.00 

100.00 

0.30 

.I-.. 

30.39 
15.55 
37.94 
14.98 
0.02 
1.12 
0.00 

100.00 
1---.  

17.05 
21 -92 
40.37 
17.75 
1.10 
1.83 
0.00 

100.00 
.I.._ 

A . w  Mot Ut, lb/lb mole 26.47 26.08 25.57 25.68 26.41 27.95 
HHV, KJ/g mole d 303.56 301 -97 306.92 207.95 281 -99 312.73 

0.m 0.794 0.780 0.752 0.708 0.859 no1 C/aWrl Gus 
H2/#) 

I -0.32 -0.23 -0.21 -0.24 -0.14 -0.37 
C HP3CH4 I/< eocCH4 1 
CH2-C02)/( CO+cOt> 

Ges Double Check 

CO 130.7 . 95.8 238.7 135.7 142.4 147.7 
CDt 514.1 247.3 623.5 556. S 546.1 427.5 
CH4 84.4 36.8 106.0 78.6 78-4 68.1 
c2#4 5 00 6.0 6.9 2.7 0.2 7.4 
C2H6 11 .1 5 -2 14.7 14.6 11 00 13.2 
c3H8 0.0 0.2 0.0 0.0 0.0 0.0 
c6Hb 22.7 22.1 30.4 21.1 7.8 48.0 

16U.2 302.5 297.t 340.5 264.6 951.4 
686.9 3M.P 622.8 466.4 452.7 191.7 

M2 
n a  

1863.5 Tot81 1428.1 1029.9 

H2, mle/hr 6.440 3.522 9.325 8.286 9 . 871 4.M7 
co 4 -666 3.426 8.522 4.845 5.084 5.273 
m2 11.681 5.619 14.167 12.645 12.409 9.714 
CH4 5 92152 2.294 6.608 6.900 4.888 4.264 
C2H4 0,178 0.214 0.246 0.096 0.007 0.264 
c2H6 0.369 0.173 0.489 0.486 0.366 0.439 

, BWSCF (a 60 deg F) I I 363.88 361.97 367.90 345 . 16 338.02 374.87 

I 1.39 1 -04 1.10 1 *n 1.95 4.78 
I 2.24 1.83 1.93 2.37 2.67 t -77 

- 0 - - - 1 1 I - L - - 1 L L 1 I . ~ ~ O o . - - - - - ~ . -  I _---0...00._______1.-.-- "-00"  *---o-..- - --..-.-----oo-------____I________ 

H2, lb/hr 13.0 7.1 10.8 16.7 19.9 8.2 

o-.o* ----. --om- .---. o w . - -  ----- 
1959.5 1830.8 1523.1 

~ ~ ~ ~ ~ ~ ~ . ~ . ~ . ~ . ~ ~ o ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ o o ~ o o . . ~ . ~ ~ ~ ~ ~ o . o o o ~ ~ o ~ ~ ~ ~ o ~ ~ ~ ~ ~ . ~ * . o ~ o - ~ - - - ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~ ~  





Utt imatt  Analysis 
Ash, w t  X dry 
Carban 
Hydragm 
Swl fur 
N i  trogm 
OxvScrr (by d i f f l  

0.94 
68.51 
6-17 
0.04 
0.12 
44-22 

100.00 
8330 

- 0 - 0 -  

0.94 
40.51 
6.17 
0.04 
0.12 
44.22 , 

1-0,- 

100.00 
8330 

0.82 
68.40 
6.31 
0.03 
0.21 

64.23 

1oO.ao 
8389 

1-10. 

0.02 

6.31 
0.03 
0.21 
66.23 

100.00 
8389 

48.40 

I..-- 

0.82 
48.40 
6.31 
0.03 
0.21 
44.23 

100.00 
8389 

-.1-. 

0.82 
4a.40 
6.31 
0.03 
0.21 
44.23 

100.00 
8389 

001.1 

90.24 96.60 90.18 87.37 92.95 93.79 
4.20 0.ou 5 046 5.33 3-07 2.98 
5.48 3.32 6.36 7.30 3.98 3.23 
2.26 0.00 2.97 2.88 1.61 1 .Sf 



Ges C o u p s i t i o n ,  As Reported I 
1 
I 

H2, Role X 
#) 
m2 
CH4 
c2H4 
CzH6 
UH8 
ebHb 
N2 
H20 
AR 

TOTAL 

I 
I 
I 
I 
I 
I 
1 
I 
I 

8.14 
6.89 

12.93 
4.79 
0.20 
0.27 
0.00 
0.69 

28.24 
30.03 
0.02 

100.00 

1-96 
3 -99 

13.42 
3-95 
0.00 
0.09 
0.00 
0.17 
37.53 
32.89 
0.00 

100.00 
oo-.o 

12.0s 
8.00 

17.06 
7.37 
0.03 
0022 
0.00 
0.27 

19. 18 
35.82 

0.00 

100.00 
o w . - -  

5 -90 
7.72 

11.52 
4.58 
0.65 
0.56 
0.01 
0.24 

27.64 

0.00 

100.00 

a 1 a  

w - - - -  

10.88 
3.59 

13.86 
4.79 
0.04 
0.17 
0.00 
0.18 

10.63 
47.86 
a.oo 

0-c.- 

100.00 

12.30 
5.58 

17.32 
6.56 
0.06 
0.20 
0.00 
6.81 

15 -59 
41 -60 
0.00 

tOO.[W 
----I 

Val, SCF/lb W I 41.98 48.21 38.21 44.47 53 -81 37.03 

-------.o-----------o--.--..---I ~ ~ ~ ~ ~ ~ ~ o ~ ~ o ~ ~ ~ ~ o ~ ~ ~ ~ ~ ~ ~ ~ ~ o w ~ ~ ~ "  m m - 0 -  I ~ w 0 0 . ~ . ~ ~ ~ ~ ~ ~ ~ 1 ~ . ~ 0 ~ ~ 0 ~ ~ 0  * m - 0 0  - w o - -  

H2, mlc x I 12-m 12.78 14.96 8.18 13.40 t4.7t 

1 20.44 21 -54 21 18 15.97 17.07 20.72 
I 7. S f  6.34 9.15 6 -35 5 -90 7.85 
I 0.32 0.00 0.04 0 090 0.05 0.05 
1 0.63 0.14 0 -27 a.m 0.21 0.24 
I 0.00 0.00 0.00 0.01 0.00 0.00 

I o - w - -  -r..r- ----- o w - - -  ----- --_-- 
1 100.00 100.00 100.00 100.00 100.00 i o a m  1 

Ave Mol Y t ,  lb/lb mole 22.29 22.10 21.98 21 099 20.66 2t .59 

Vol, SCF/lb BDU 1 49.08 65.81 60.20 48.19 60 033 41.51 

Gas Casp, inert free, C6H6 free I 

#I I 10.89 6.40 9.93 10.70 4.42 6.67 
co2 
en4 
c2H4 
c2H6 
OH8 
HZO 

TOTAL 

HHV, KJ/g mke I 146.16 113.35 157.12 135.36 107.31 135.22 

' 47-68 52.79 44.47 57.10 58-95 49.76 

, BTWSCF (a 60 deg F) I 1 175.21 t35 -88 188.34 162.25 128.43 162.09 
I 



taS Coup, dry/ inert free 
H2, mole X 24.50 
#J I 20.74 
co2 I 38.92 

I 14.42 CH4 

I 0.81 
c2H4 
C2H6 
C3H8 

TOTAL 

I 0.60 

I 0.00 I ---.- 
I 1120.00 I 

27 . 07 
13.57 
45 -63 
13.43 
0.00 
0.31 
0.00 

100.00 
- o w - -  

26.94 
17.09 
38.14 
16.48 
0.07 
0.49 
0.00 

100.00 
.--.1 

19.07 
24.95 
37.u 
14.80 
2.10 

0.03 

100.00 

1 .a1 

-I.-- 

32.64 
1o.n  
41.58 
14.37 
0.12 
0.51 
Ow00 

100*00 
----- 

29.29 
13.29 
41 -24 
15.42 
0.10 
0 .a 
0.00 

100.00 
---oo 

Gas D a l e  Check 

H2, mole/hr 
CD 
co2 
cH4 
C2H4 
C2H6 

6 . 002 6.895 7.738 2.431 6.548 8.929 
5 . 137 3.476 5.191 3.1% 2.170 4.077 
9.643 11 .a8 11.072 4.769 8.409 12.654 
3.566 3 1435 4.769 1.889 2.899 4.782 
0.150 0 . 000 0.018 0 . 267 0.025 0.029 
0.200 0.080 0.143 0.233 0.103 0.144 



lb W l h r  576 50'1 07 612.1 325.7 381 03 667.2 
Vol, SCF/ lb bdr 45.11 65.00 60.15 48.18 60.29 
U2 Free vol 35.62 16.31 35.16 62.67 53 -48 34.77 
N2,- Free vol 35.45 66.23 35.09 42.62 53.41 36.52 

25.36 25.37 25.76 34-41 35.9t 23.92 D r y  Ges Vol 
~~)~o.o~~1**~~~1..~g~~~.~.~~~.~*~.~~...~.~~~~~*..~oo~.oo~...~.~.~~-~~o*"...~.-o~~~~.~.."o~-oo.-~--o- C 

H2, .ole X 0.76 t.92 I1 -94 5 .a 10.01 12.24 
7-50 3.99 8.01 7, n 3.59 5-59 

17.34 
a, 

14.08 13 043 17.09 11.53 13.88 
5.21 3 -95 7.36 4-57 4.n 6.55 

#rt 

0.04 
Cnb 

0.22 0.00 0.03 0,65 0.04 
0.29 0.09 0.22 0.56 0.17 0.20 

c2H4 
0.00 

c2H6 
0.00 0.00 0.00 0.01 0.00 

c6Hb 0.53 0.17 0.27 0.24 0. la  0.81 
am 
N2 30.73 37-56 19.20 27.65 18.65 15-60 
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