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Abstract 
 
The following report provides a preliminary design analysis of a modular ammonia production 
plant proposed to be constructed in the Minnesota River Valley. One of the primary goals for the 
process engineering team was to design a plant capable of being carbon emission free, thus all 
design decisions were made prioritizing this goal. The process features ammonia synthesis via the 
Haber-Bosch process with a ruthenium-based which converts divalent hydrogen and nitrogen into 
ammonia at high temperature and pressure. The feed reactants are generated on site via electrolysis 
of water for the hydrogen stream and an air separation membrane system for the nitrogen stream. 
Both reactant generation methods require no direct carbon input while all electricity is sourced 
from wind energy produced in the surrounding area. Due to the efforts to make the plant carbon-
neutral, manufacturing costs were significantly high resulting in a unit price of $1,480/mt to make 
the plant break even after the 20-year lifetime at a 10% rate of return. More market research is 
required to determine a competitive unit price for the Minnesota River Valley area, but this is 
likely too high based on the wide estimate of $500-$2,000/mt based preliminary research. Further 
process modifications must be completed before a modular ammonia production plant that 
operates with zero carbon emissions can compete on the market. The accuracy of the capital and 
operating costs are limited by the present lack of heuristic knowledge regarding modular chemical 
production. There is potential for decreases in capital and operating costs by further optimizing 
minor equipment, but the capital cost is limited by the capital costs of hydrolysis. Despite these 
economic concerns, the process engineering team has concluded that a carbon-free ammonia 
production plant is possible. 
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Introduction 
 
The main objective of this project was to develop a preliminary design for a modular ammonia 
production plant capable of producing 50 metric tons per day of anhydrous ammonia for fertilizer. 
With the market size for ammonia projected to exceed $75 billion by 2025, now is the perfect time 
to start installing a plant [1]. In order to stay ahead of the curve for energy usage and production, 
the process engineering team has completed the following preliminary design with a major goal of 
being carbon neutral. The plant will be constructed in the Minnesota River Valley where there is 
underused wind availability for renewable energy generation to power the ammonia plant [2]. 
Attempting to reduce installed costs of large equipment, five smaller modules each capable of 
synthesizing 10 metric tons of the total 50 metric tons per day capacity were selected for the 
production plant. An analysis of module size is included to determine an optimum module size. 
While other processes have larger production capacities, the hope is that the module design will 
enable the plant to increase production with demand in the point-of-use location. The Minnesota 
River Valley is also part of the US corn belt, which is a major consumer of ammonia fertilizer. 
The point-of-use installation site has the added benefit of reduced shipping and insurance costs. 
 
One of the primary goals of this ammonia production plant is to be environmentally sustainable 
by designing a system that is carbon neutral. The equipment and operational costs increased as a 
result of carbon neutral design elements—which decreases profitability—but ultimately is a small 
price to pay for more sustainable operation. Hydrogen was produced with electrolysis rather than 
the natural gas steam reformation traditionally used, which uses non-renewable resources to 
generate the product. The design team also decided to only use renewable energy to power process 
equipment. This includes generated steam (from excess heat) on-site to be used for energy 
generation in a steam turbine as well as wind energy. The availability of stranded wind in the area 
provides economical and sustainable energy for production. 
 
Several non-traditional ammonia synthesis methods are considered here which include reactive 
separation and non-thermal plasma catalysis for ammonia production at near-ambient conditions. 
The traditional Haber-Bosch process is also investigated as an option, and the modern ruthenium-
based catalysts are considered as well. It was decided that the non-traditional methods were 
underdeveloped and/or too energy intensive or complex at their current capabilities for commercial 
implications. The preliminary design here uses a traditional Haber-Bosch process with a modern 
ruthenium-based catalyst which allows for lower operating temperature and pressure with 
commercially viable single-pass conversions. 
 
Hydrogen is produced in this design with an alkaline electrolysis system. This method of hydrogen 
production is relatively new, especially when compared to steam methane reforming (SMR). With 
this is mind, it was expected that the operating costs would be higher than normal in this design. 
The goal of being carbon-neutral ultimately led to this design choice, as the design team believes 
protecting the environment from carbon emissions is worth the extra cost. Also, the availability of 
stranded wind energy in the Minnesota River Valley encouraged the use of clean electricity. 
Alkaline electrolysis cells and proton exchange membrane (PEM) electrolysis cells were 
considered in this design, and the alkaline electrolysis was eventually chosen, as it is known to be 
a more straight-forward design, with a lower capital cost [3]. Another key design choice for the 
hydrogen production method is to use pure nickel electrodes in the electrolysis cells, and treat the 
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electrodes with hot-dip-galvanization in molten zinc [4]. After extensive economic analysis, it was 
decided that the electrolysis design was detrimental to the economics of the project. The design of 
this section must be considered more carefully, to reduce capital and operating costs, before 
moving forward with the project. 
 
A membrane system was chosen in order to produce the nitrogen feed stream for the reactor due 
its simple design, reduced utility costs, and ability to remain carbon neutral. By employing a 
membrane system, on-site nitrogen generation is made possible with the only utility costs coming 
from the compressor and heat exchanger used to increase the pressure and decrease the temperature 
respectively. Key considerations that played a role in determining which membrane was selected 
included finding a membrane that is highly selective for oxygen (such that the small fraction of 
oxygen in air can be removed and disposed of) without a significant decrease in overall 
permeability (such that the material can handle the required flow rate). The chosen experimental 
porphyrin-based oxygen carrier membrane is not yet on the market, but recent research on T(p-
OCH3)PPCoCl infused TFC membranes indicate promise toward expansion for large-scale studies 
and eventual patents. Pressure-swing adsorption was identified as another viable option for on-site 
air separation in case of significant delays or unexpected costs related to the membrane. 
 
The following report details each of the three major sections required for the production of 
ammonia using the Haber-Bosch process: the electrolysis cells (section 100), the membrane system 
(section 200), and the catalytic reactor (section 300). Relevant sample calculations, process flow 
diagrams, costing, and other forms of analysis are included for each section. Ultimately, the 
process engineering team was successful at designing a carbon neutral modular production plant 
capable of producing 50 metric tons per day. 
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Process Description 
 
This section includes a complete description for each of the major sub-processes featured in a 
single module. Although there has been some research into alternative reaction schemes or reactor 
conditions, the process engineering team ultimately decided to utilize the traditional Haber-Bosch 
process of artificial nitrogen fixation at high temperature and pressure. The first task the team 
addressed was sourcing the reactants of hydrogen and nitrogen for the Haber-Bosch process. The 
purified hydrogen stream was generated via electrolysis of water and the purified nitrogen stream 
was generated via a membrane system. The use of these processes enabled both the reactants to be 
generated on-site, thus eliminating additional raw material costs. Once the reactant feed streams 
were generated, their temperature and pressure were increased before being fed into a ruthenium-
based catalyst reactor. Finally, the separation process was designed to be capable of recovering 
99% of the ammonia produced with the remaining ammonia removed from the purge stream via a 
scrubber for subsequent incineration. The current process features storage tanks capable of holding 
a week’s worth of anhydrous ammonia production at 200 psia. 
 
Hydrolysis Cell for Hydrogen Feed 
 
Electrolysis of water with alkaline electrolysis cells was chosen as the method for hydrogen 
production. The electricity used will be sourced from stranded wind, making this section of the 
design carbon neutral. The basis of the electrolysis cell is the hydrogen gas input requirement to 
the ammonia synthesis reactor, see the Process Flow Diagram and Material Balance section above. 
The required hydrogen gas flow rate was used to design the size of each modular electrolysis cell 
system and find the required amount of electrical energy for the steady-state process. 
 
It is recommended that the electrolysis section should be designed with monopolar, alkaline 
electrolysis cells. Each electrolysis cell has two reservoirs, in which an electrode is suspended in 
an aqueous solution of 30 wt% potassium hydroxide. There is a membrane separator between the 
reservoirs which allows only water and hydroxide ions to cross. The monopolar design implies 
that each individual cell has distinct electrodes, and the cells operate in parallel, each producing a 
pure stream of hydrogen and oxygen [3]. This design decision was made because monopolar cells 
are simpler, and it allows one cell to be shut down while the others continue to run. Shutting one 
cell down in the “series” bipolar design would cause the entire unit to shut down. 
 
One common issue with electrolysis cells is providing enough electrode surface area to catalyze 
the electrochemical reaction at a high enough rate [5]. To mitigate this issue, it is recommended 
that the electrolysis cells are built with pure nickel electrodes, and the electrodes should be treated 
with a hot dip galvanization method to increase the specific surface area of the material [4]. When 
galvanized in molten zinc, nickel electrodes have been shown to increase in specific surface area 
by a factor of 1000 [4]. For this design, it is assumed that this treatment method will increase the 
active catalytic surface area of each electrode by a factor of 10. This assumption decreased the 
geometric area needed for each electrode, leading to a more compact electrolysis cell design. 
 
Each modular electrolysis cell system was designed as a cube, with the side length of the cube 
being calculated to meet the required surface area to meet the needed 43 kg-moles of hydrogen gas 
produced per hour. Each cell within the cubic system was designed with a width of 20 cm (each 
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reservoir 10 cm wide) to provide room for the electrodes and an adequate amount of alkaline 
solution. The electrolysis cell design includes a heat exchanger to preheat the water to 80 °C and 
a cooling jacket on the cell to absorb excess heat released. 
 
When determining the capital and operating expenses for this process, industrial heuristic values 
were used. The design was centered around a current density value of 0.5 A/cm2, which has been 
shown to lead to an energy usage rate of 4.2 – 4.8 kW-hr per normal meter cubed of hydrogen 
produced [3]. For this design, a value of 5.0 kW-hr/Nm3 was used. To determine the capital cost 
of each unit, a value of $800 per kg of hydrogen produced per day was used [6]. See the Equipment 
Cost Summary for an in-depth explanation of this costing estimation. 
 
Membrane Separation of Air for Nitrogen Feed 
 
The second required reactant for the Haber-Bosch process is nitrogen, which is readily available 
in air. Initially, two options were considered when investigating how the modular process would 
achieve this nitrogen feed stream for the reactor: separation via either a pressure awing adsorption 
(PSA) or membrane system. A primary benefit of pressure swing adsorption systems is that they 
are less sensitive to process parameters (mainly pressure and temperature conditions) when 
compared to membrane systems, although if process parameters can be appropriately controlled, 
membranes provide a very consistent unit [7]. Furthermore, PSA processes require a higher initial 
investment in addition to more energy consumption throughout their lifetime; thus, the decision 
was made to utilize a membrane for producing the nitrogen feed stream [8]. Assuming a 
stoichiometric ratio of reactants, a material balance was used to determine the required nitrogen 
feed in order to accomplish the process specifications for ammonia production. The process 
engineering team decided that to reduce concerns of undesired build-up in the reactor section, the 
nitrogen stream should have a 99% purity; therefore, selecting a specialized membrane with the 
appropriate permeability and selectivity was imperative to ensuring the correct flow and 
composition of the nitrogen feed.   
 
The membrane recommended to produce this 99% pure nitrogen stream uses a novel approach to 
oxygen/nitrogen separation by employing a porphyrin-based oxygen carrier. A research group led 
by Jiuli Han of the Chinese Academy of Sciences concluded that thin film composite (TFC) 
membranes with the addition of a small amount of T(p-OCH3)PPCoCl increases the membrane’s 
selectivity for oxygen without a significant compromise in permeance [8]. This cobalt porphyrin 
forms relatively strong hydrogen bonds with the primary thin film Pebax-2533 material while 
interacting reversibly with oxygen to facilitate radial transport [8]. It was ultimately decided that 
radial diffusion would provide the simplest geometry of design and consistent oxygen transport 
through the walls of a tube composed of the membrane material. The proposed system will feature 
a residual stream of purified nitrogen (the feed stream into the reactor) and a permeate stream that 
is essentially a 50/50 mol% mixture of nitrogen and oxygen (vented to the atmosphere). Selecting 
a membrane that is highly selective for oxygen was an obvious choice due to its lower relative 
composition in air and the feasibility of finding a suitable molecule to interact with the more 
electronegative oxygen. Furthermore, while other membranes have been successful at separating 
nitrogen/oxygen, the process engineering team decided that using a highly selective membrane for 
oxygen would be critical for removing as much oxygen as possible from the residual stream.  
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Similar to the electrodes in the electrolysis section, the surface geometry of the membrane 
increases the available surface area for diffusion; thus, it was assumed that the geometry of the 
membrane increased the specific surface area by a factor of 100. With a diameter of 6 cm and 
thickness of 0.01 cm, it was determined using the experimental membrane selectivity and 
permeability that a membrane tube 26.6 m long would be capable of achieving the desired process 
specifications, though it is recommended that a single module is constructed with a 27 m tube that 
winds back and forth. Preliminary design of the membrane apparatus incudes a chamber that 
quickly vents the permeate to the atmosphere from the tube which winds back and forth to 
maximize space allocation. Specializing the membrane tube design for the specific purpose of this 
separation scheme provides the benefit of efficiency, but over time the material will need to be 
replaced. 
 
To increase the efficiency of the membrane such that it processes less air to produce the nitrogen 
stream, the optimal temperature of 18 oC and pressure of 4.17 bar (according to Han’s research 
team in China) will be used for the feed stream. Assuming the air enters the system at atmospheric 
conditions, achieving the high optimal pressure requires a rotary screw compressor, which heats 
the air stream. To cool the stream, a heat exchanger employing refrigerated water will be used 
assuming isobaric operation. Utilizing these optimal feed conditions decreases the load on the 
membrane, thus, increasing its life expectancy. Another precaution taken to protect the membrane 
from unnecessary damage is a pretreatment system used to filter out air particulates and remove 
humidity. Water or other contaminants in the air can clog or degrade the membrane. Replacing the 
filter and desiccant in the pretreatment system will be a cheaper option than replacing the primary 
membrane. 
 
With the recommended membrane not currently on the market, predicting the cost was a challenge 
that was overcome by requesting a quote for a PSA system capable of operating at the same process 
conditions from Compressed Gas Technologies Incorporated [9]. Generally, membrane systems 
reduce the initial capital investment, thus the $60,000 estimate for a single module was considered 
a conservative estimate for the membrane cost. Installing the compressor was the most significant 
capital cost for this section due to the need to quadruple the pressure, but due to a high heat transfer 
potential using refrigerated water, the heat exchanger was relatively small resulting in a low capital 
cost.         
 
Ammonia Synthesis Reactor  
 
Several novel process intensification designs were considered for the ammonia synthesis reactor. 
The designs considered were reactive separation and a non-thermal plasma catalyst. An article by 
Malmali et. al. investigated the effectiveness of reactive separation [10]. Some major advantages 
of reactive separation are the potential for low pressure synthesis and reducing or elimination of a 
recycle stream. Both of these would result in a process that is less expensive and less hazardous 
[10]. Malmali et. al. showed that high conversion is possible with reactive separation, and Himstedt 
et. al. was able to achieve >90% conversion via reactive separation [11]. However, reactive 
separation for ammonia synthesis is still a new technology, and large scale designs have not been 
implemented. The reactive separation process requires cycling of the system to remove the 
absorbed ammonia. Thus, the system is only producing ammonia approximately half the time, and 
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more equipment would be required to meet the production demand. The novelty and complexity 
of the cyclic process were ultimately the deterrents away from reactive separation.  
 
Non-thermal plasma catalysts for ammonia synthesis were also investigated, and it has the 
potential to reduce the reaction conditions to near ambient [2]. A summary of energy requirements 
in lab-scale research from Peng et al showed that a minimum of about 2,000 GJ/mt are required to 
produce ammonia via non-thermal plasma catalysis. This would likely become more efficient at 
large scales, but large scales have not been attempted. Current, high-efficiency ammonia synthesis 
via the Haber-Bosch process has been able to produce ammonia at only 28 GJ/mt [12]. Thus, the 
current understanding of non-thermal plasma assisted ammonia synthesis was deemed too novel 
and too energy intensive to pursue at this point in time. 
 
This led to the investigation of a small-scale Haber-Bosch process. A report by Reese et. al. laid 
out the design and performance of a small-scale Haber-Bosch process [13]. The modern, high-
efficiency ruthenium-based catalyst developed by British Petroleum was also investigated to 
determine high throughput potential of a small-scale Haber-Bosch process [14], [15]. Ruthenium-
based catalysts have proven to be about 20 times more active than the original promoted iron 
catalyst, and ruthenium-based catalysts have been used world-wide for more than 25 years [15]. 
Ruthenium-based catalysts have also lowered the reaction temperature and pressure significantly 
while still achieving commercially-viable ammonia yields [14], [15]. Based on this research, the 
ammonia synthesis reactor was chosen to be a Haber-Bosch style process using a ruthenium-based 
catalyst. 
 
Reaction conditions and parameters were based on three sources. Brown reported the ruthenium-
based catalysts could achieve nitrogen conversions of 26% or 55% at reaction conditions of 86 
bar, 380 °C or 138 bar, 400 °C, respectively, when using a 1.5:1 ratio of hydrogen to nitrogen [15]. 
Lin et. al. reported ammonia synthesis rates on ruthenium-based catalysts ranging from 
7	to	9.8	mmol!"!g#$%

&'h&' that increased with pressure from 10 bar to 100 bar and became 
asymptotic around 80 bar [14]. This reaction data was generated using a stoichiometric feed of 3:1 
hydrogen to nitrogen. Lastly, the review article Pattabathula reported that modern, high efficiency 
ammonia plants achieve a 20-21% single pass conversion using a more common 3:1 hydrogen to 
nitrogen ratio [12]. This is significantly different than the conversions reported in Brown, but the 
difference is likely due to the non-stoichiometric reactant ratio reported in Brown [15]. Lower 
reaction pressure and temperature are desirable from a capital cost and safety perspective. The 
demonstrated reaction rates from Lin also fall in the range of the lower reaction condition from 
Brown [14], [15]. Therefore, reaction conditions of 86 bar and 380 °C were chosen for the 
ammonia synthesis reactor. A conservative single pass conversion of 20% was chosen based on 
the information reported in Brown and to align with Pattabathula [12], [15]. A stoichiometric 
reactant ratio was chosen with a conservative reaction rate of 9.5	mmol!"!g#$%

&'h&'. 
 
Reactor design was discussed in Pattabathula and Reese which influenced the reactor design here 
[12], [13]. Pattabathula describes a low-pressure drop, axial-radial reactor from Ammonia Casale 
[12]. A similar reactor with a central, cylindrical catalyst bed that uses radial flow was described 
in Reese, and the reactor design used here is based on a similar concept. Lastly, Reese used 
AmoMax 10 ammonia synthesis catalyst from Clariant, but minimal physical properties could be 
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found for AmoMax 10 [13]. Instead, the ruthenium on alumina catalyst, Ru-Cat 402, from Vesta 
Chemicals will be used as a model, which has an approximate bulk density of 850 kg/m3 [16]. 
 
A reactor with catalyst filled tubes will be used in place of a single, cylindrical packed bed. Gas 
will flow into the catalyst filled tubes before being able to flow radially out of the tubes and leave 
the reactor. A catalyst tube length of 2.0 m and diameter of 10 cm was chosen to achieve a small 
reactor footprint. This gave a corresponding shell diameter of 2.1 m and requires 178 tubes to hold 
an adequate amount of catalyst to meet the module productivity requirement of 10 mt/day [17]. 
The reactor was assumed to have hemispherical ends, which gave an overall volume of 11.8 m3 

when using the multitube design. This footprint was chosen to meet typical semi-trailer dimensions 
[18]. The reactor will be equipped with an evaporative cooling jacket to control the reaction 
temperature and recover energy from the process. For this preliminary design, the reactor is 
assumed to be isothermal and isobaric. 

In a single cylinder packed bed design (traditional axial-radial reactor), it is unknown how much 
larger the outer shell must be compared to the catalyst bed. If the outer shell is double the 
diameter of the single cylinder packed bed (catalyst bed dimensions: 2 m long, 1.33 m in 
diameter), then the reactor volume is 21.0 m3. However, if the shell is only 1.5 times larger than 
the single cylinder packed bed, then the reactor volume is only 10.4 m3. Because of this 
uncertainty in the reactor shell diameter requirement, the tubular sizing calculations will be used 
to approximate the reactor size. The tubular design may also lead to a lower pressure drop 
through the reactor since gas flows radially through 10 cm diameter tubes instead of a single, 
1.33 m diameter catalyst bed. This may result in better overall performance. Detailed catalyst 
requirements and reactor sizing calculations can be seen in Appendix I. 

Ammonia Separation 
 
The outlet of the ammonia reactor needed to be purified because it’s only 29 weight percent 
ammonia and the product specification is 99.5 weight percent. The hot product stream passes 
through a valve and series of heat exchangers that reduce the pressure and cool the reactor outlet 
down to a point just before the ammonia would condense at the pressure that the anhydrous 
ammonia would be stored at (-16 °C, 200 psia). The cooled reactor outlet stream then enters a flash 
drum, which rapidly removes energy to generate a liquid product stream at 200 psia and -33 °C of 
99.5 weight percent anhydrous ammonia and a gas stream that is heated, compressed, and recycled 
to the reactor. The materials of construction in this section were designed to be stainless steel 316 
because carbon steel and stainless steel 304 were not completely compatible with the ammonia in 
the process stream [19]. 
 
The reactor outlet first passes through an expansion valve to reduce the pressure from 1247 psia 
to 200 psia. The reasoning for having the valve immediately after the reactor outlet is to make the 
process inherently safer. Although expanding the stream reduces the heat capacity which would 
mean more heat exchanger area may be required, Aspen HYSYS simulated that the heat capacity 
would only decrease by 0.07 kJ/kmol—°C. This difference in energy saved is not worth the safety 
risk of leaving the stream pressurized through heat exchangers. Immediately reducing the pressure 
before the stream passes through heat exchangers reduces the damage that would occur if a heat 
exchanger tube ruptured.  
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The first heat exchanger that the reactor outlet passes through is one that is a double pipe heat 
exchanger in contact with the recycle stream that runs counter-currently, HX-306. The reasoning 
for having the recycle stream pass through a heat exchanger that comes into contact with the reactor 
outlet is because it eliminated the need for a high temperature heat transfer fluid that would heat 
up the recycle to the reactor temperature. After the recycle stream is compressed from 200 psia to 
1247 psia (the reactor pressure condition), the temperature of the stream was 380 °C (the reactor 
temperature condition). The temperature of the reactor outlet stream changes from 380 °C to 290 
°C. The heat transfer surface area of HX-306 is 7.0 m2. 
 
The reactor outlet then passes through two double pipe heat exchangers running counter-currently 
that use de-ionized water to reduce the temperature from 290 °C to 190 °C. The de-ionized water 
is vaporized into saturated steam at 5 bar and 152 °C, which is to be used in energy generation. 
The product stream passes through HX-307 first and decreases temperature from 290 °C to 247°C. 
The product stream then passes through HX-308 to decrease the temperature from 247°C to 183 
°C. The de-ionized water pumped through the heat exchangers is initially at 6.5 bar to ensure the 
steam would be generated at 5 bar because a 0.75 bar pressure drop is assumed for liquid across 
heat exchangers. The water passes through the opposite order that the product stream passes 
through the heat exchangers to maintain a greater temperature difference and reduce heat 
exchanger area. The heat exchangers generate 356 kg/hr of saturated steam at 5 bar. HX-307 and 
HX-308 have surface areas of 9.6 and 12.4 m2, respectively. 
 
The next heat exchanger that the reactor outlet passes through is HX-309, which is a U-Tube HX 
that runs counter-currently. The heat exchanger fluid is a high performance, low temperature 
coolant which was specified to the material properties of the Jeffcool E100 60 volume percent heat 
transfer fluid [20]. The heat transfer fluid enters the heat exchanger at -43 °C and leaves at -33 °C. 
The outlet of the product stream of the heat exchanger was -16 °C, just before the dew point of the 
mixture. This temperature was chosen to prevent pressure changes that could result in hydraulic 
shock. The heat exchanger area is 50.6 m2. 
 
The outlet of HX-309 enters the flash drum, which has a U-Tube heat exchanger that cools the 
stream to -33 °C. This temperature was chosen to generate a liquid outlet stream of 99.9 weight 
percent anhydrous ammonia. The purity was chosen to generate a product that would meet or 
exceed the minimum specification of 99.5 weight percent. The heat transfer fluid is also modeled 
to be the Jeffcool E100 60 volume percent mixture with the same temperature change from -43 °C 
to -33°C. The liquid outlet is transported toward the storage section while the vapor outlet is sent 
back to the reactor section. The heat exchanger area was 161 m2. 
 
A three percent and one percent loss of the vapor stream was assumed as a result of the purge 
stream and imperfect sealing, respectively. The purpose of purging the air is to prevent a buildup 
of ammonia and maintain stoichiometric ratios of the reactants. The recycle stream enters the first 
heat exchanger discussed in this section before going through a compressor. The compressor, C-
306, increases the pressure of the stream from 200 psia to 1247 psia. The inlet and outlet 
temperature of the compressor are 74 °C and 380°C, respectively. The compressor consumed 639 
kW of power, which was the basis used to cost the compressor. 
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The flash drum was sized based upon an economical L/D ratio of 5 and a 30 minute stream capacity 
[21]. The volume flowing into the flash drum was 8.2 sm3/hr, which translated to a 4.1 m3 vessel 
that had a diameter of 1.0 m and length of 5.1 m. However, the minimum allowable velocity, which 
is designed to be 10% of the maximum velocity, is about 0.2 m/s higher than the flash drum would 
be able to hold. The density of the gas and liquid was calculated using Aspen HYSYS and the k 
value was assumed to be 576 m/hr, which is used for a vessel without a mesh separator [21]. For 
this reason, we suggest designing a hold up tank that would be on top of the flash drum to ensure 
proper performance. The flash drum wall thickness and weight were calculated using hoop and 
longitudinal stress guidelines provided in [22]. A 2.0 mm corrosion and 80% welding efficiency 
were assumed to provide a safety buffer for the process. The wall thickness and weight of the 
vessel were 11 mm and 1540 kg, respectively. 
 
Ammonia Storage Vessels 
 
The liquid, anhydrous ammonia must be stored onsite until it is sold and shipped to a customer. 
There is demand for ammonia in this form, so it is recommended to end the processing of the 
product once it is purified. Pressurized storage vessels were designed to contain up to seven days 
of product to provide sufficient time for sales and transportation. In the base design with 5 modules, 
each with a 10 mtpd capacity of ammonia, one module needs space to store 70 metric tons of 
ammonia. It was also assumed that 85% of the tank volume was used to hold the product, with 
15% vapor space. 
 
Storage vessels for the ammonia product were designed to operate at 200 psia and rated to 
withstand a Maximum Allowable Working Pressure (MAWP) of 250 psig. According to the 
ASME Boiler and Pressure Vessel Code, a safety factor of either 25 psig or 10% of the MAWP 
(the highest of these two) should be added to the MAWP. In this case, either method results in a 
safe design pressure of 275 psig. Due to material compatibility issues between ammonia and 304 
stainless steel (as well as carbon steel), the storage vessels were designed to be constructed with 
316 stainless steel. 
 
With ease of construction and transportation in mind, the storage vessels were designed to fit on a 
semi-truck trailer. Therefore, a vessel diameter of 2.5 m (8.2 ft) was defined. An aspect ratio (L:D) 
of 3 was chosen, making the height of one vessel 7.5 m (25 ft). With these dimensions, four vessels 
are needed to provide enough storage space for one 10 mtpd module, meaning the entire plant will 
need 20 storage vessels to store one week of product. The number of total storage vessels can be 
adjusted if it is determined that one week of product storage is inappropriate. 
 
Hoop stress and longitudinal stress calculations were used to determine the wall thickness of the 
storage vessels, see Appendix I – Storage Vessels. The tensile strength of 316 stainless steel is 20 
ksi [22], a welding efficiency of 0.8 was assumed, and a 2.0 mm corrosion buffer was used (similar 
as previously described for the flash drum). After accounting for these considerations, the wall 
thickness for the storage vessels was determined to be 22.0 mm. In the current design, the mass of 
one storage vessel shell is 13,100 kg.  
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Process Flow Diagram and Material Balance 
 
Included below are detailed process flow diagrams for each of the major sections in the production 
process. Note that each PFD represents the designated section for a single module. 
 
Electrolysis: Section 100 
 
Figure 1: In this section, an alkaline electrolysis cell converts water (feed stream) into pure hydrogen and 
oxygen streams. A shell-and-tube heat exchanger uses steam to heat the water to the operating 
temperature of the cell, 80 °C. A centrifugal pump is used to overcome the pressure drop induced by the 
heat exchanger. Heat is given off in the electrolysis cell due to ohmic resistance, and this heat is absorbed 
by a cooling water stream flowing through the external jacket of the cell. Potassium hydroxide, the 
electrolyte used in this cell, is mixed into the feed water stream during start-up, but is not used during 
steady-state operation. 

 
Electrolysis Material Balance 
 
The material balance for the electrolysis section is based on the hydrogen gas requirement to the 
ammonia synthesis loop. The following calculations correspond to a single module within the 50 
mtpd plant—the single module produces 10 mtpd of ammonia. Shown below is the conversion 
from 10 mtpd into an hourly molar flow rate of ammonia.  
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-̇()! = 10
234567	48-9

:;<
∗ 1000

>?

234567	48-
∗

1	>28@

17.031	>?
∗
1	:;<

24	ℎ5
= 24.5

>28@	EF*
ℎ5

 

 
An onstream efficiency of 88% was assumed, and a stoichiometric ratio was used to relate 
ammonia flow to hydrogen flow. Also, assuming a 97% conversion and recovery rate for the 
ammonia production process, the required steady-state inlet hydrogen gas flow rate can be 
calculated as follows. 
 

-̇)" = 24.5
>28@	EF*

ℎ5
∗

1	ℎ5

0.88	ℎ5	8-
∗
3	>28@	F+	78-9.

2	>28@	EF*
∗
1	>28@	F+	G58:.

0.97	>28@	F+	78-9.
 

 

∴ -̇)" = 43
>28@	G58:I73:

ℎ5
 

 
As hydrogen and oxygen are generated in the electrolysis cell, water is consumed. Knowing the 
stoichiometry of this process (shown below), the required flow rate of hydrogen can be used to 
solve backwards and obtain the required inlet water flow rate. This calculation is shown below. 
 

2F+J(@) ↔ 2F+(N) + J+(N) 
 

→ -̇)",,./ = 43
>28@	F+
ℎ5

∗
2	>28@	F+J

2	>28@	F+
= 43

>28@	F+J

ℎ5
 

 
Alternatively, we can represent the required water flow rate as a mass flow or volumetric flow. 
This is shown below. 
 

2̇)",,./ = 43
>28@	F+J

ℎ5
∗ 18.02

>?

>28@
= 775

>?

ℎ5
 

 

Q)",,./ = 775
>?

ℎ5
∗
1	2*

997	>?
∗ 1000

R

2* ∗
1	ℎ5

60	26-
= 13	RT 
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Membrane: Section 200 
 
Figure 2: The membrane section takes in atmospheric air and generates a nitrogen reactant feed stream 
for the reactor. For a detailed sample calculation for determining the required air flow into this section in 
order to achieve the required flow rate of nitrogen, see Appendix I. 

 
Membrane Material Balance 
 
The overall material balance provided in the ammonia production section determined the required 
feed of nitrogen into the reactor was 14.5 0123

45
 based on the desired ammonia production. This 

nitrogen flow rate was used to work backwards and determine the required flow rate of air into the 
membrane section considering the experimental selectivity and permeance values for the T(p-
OCH3)PPCoCl TFC membrane found in literature.  The oxygen/nitrogen selectivity value was 
estimated to be 7.6 ,"	675178/97	

("	675178/97
 while the permeability for oxygen was  9.5 ∗ 10&; 91!∗91

91"∗=∗91)>
 

when the membrane thickness was 0.01 cm. The following calculation was performed using an 
equation from Chapter 8 of Membrane Technologies and Applications to determine the mole 
fraction of oxygen in the permeate stream where <," is the mole fraction of oxygen, U is the 
pressure ratio, and ∝ is the membrane selectivity  [23]. It was assumed that the average 
composition of air contains 21 mol% oxygen. 
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U =
Q33:	T5399I53	[X;5]

T3523;43	T5399I53	[X;5]
=
4.175	X;5

1.013	X;5
= 4.12	

 
 

<,",6 =
U

2
Z<,",? +

1

U
+

1

[ − 1
− ](<,",? +

1

U
+

1

[ − 1
)+ −

4[<,",?
([ − 1)U
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<,",6 =
4.12

2
Z0.21 +

1

4.12
+

1

7.6 − 1
− ]_0.21 +

1

4.12
+

1

7.6 − 1
`
+

−
4(7.6)(0.21)

(7.6 − 1)(4.12)
^ 

 
∴ <,",6 = 0.52 

 
The mole fraction of oxygen in the permeate stream can be used to determine the partial pressure 
of oxygen in the permeate stream assuming the permeate side of the membrane is exposed to 
atmospheric conditions. The difference in partial pressures across the membrane can then be used 
with the permeance of oxygen to determine the average flux of oxygen through the membrane, 
a,". For calculating the permeance from the permeability, it was assumed that the membrane 
thickness used was the same as the one used in literature of 0.01 cm.  
 

G,",? = <,",? ∗ G@2A83,,",? = 0.21 ∗ 4.175	X;5 ∗ _
1	72F?

0.0133	X;5
` = 65.92	72F?	

 

G,",6 = <,",6 ∗ G@2A83,,",6 = 0.52 ∗ 1.013	X;5 ∗ _
1	72F?

0.0133	X;5
` = 39.52	72F?	

 
 

T3523;-73	(T)	
72*

72+ ∗ 9 ∗ 72F?
=
T3523;X6@64<	

72* ∗ 72
72+ ∗ 9 ∗ 72F?

bℎ67>-399	(4)72
	

 

T," =
9.25 ∗ 10&; 	

72* ∗ 72
72+ ∗ 9 ∗ 72

0.01	72
= 9.25 ∗ 10&B 	

72*

72+ ∗ 9 ∗ 72F?
 

 

a," 	
72*

72+ ∗ 9
= T,"

72*

72+ ∗ 9 ∗ 72F?
∗ cG,",? 	72F? − G,",6	72F?d	

 

a," 	
72*

72+ ∗ 9
= 9.25 ∗ 10&B

72*

72+ ∗ 9 ∗ 72F?
∗ (65.92	72F? − 39.52	72F?) 
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∴ a," = 0.027	
72*

72+ ∗ 9
 

 
To calculate the permeate flow of oxygen, the surface area of transfer needed to be calculated in 
order to use the flux value calculated above. The Excel solver function was used to determine a 
total surface area that would enable a residual stream of 99% nitrogen by using the membrane 
material balance (to follow) in an iterative loop. Solver estimated that a total surface area of 
approximately 500 2+ was required to facilitate the desired separation. Note that when calculating 
the size of the membrane tube this value was reduced by a factor of 100 to account for the geometry 
of the membrane surface being very rough. The following equation was used to determine the 
permeate flow rate at STP and then adjusted to determine the flow rate at the membrane’s operating 
conditions. 
 

QC@D,,",6 	
72*

26-
= a,"

72*

72+ ∗ 9
∗ e	72+ ∗

60	9

26-
= 0.027	

72*

72+ ∗ 9
∗ (5.015 ∗ 10;	72+) ∗

60	9

26-

≈ 8.2 ∗ 10;
72*

26-
 

 

Q,",6
72*

26-
= QC@D,,",6

72*

26-
∗
TC@D	[G96] ∗ bCE=	[g]

TCE=[G96] ∗ bC@D[g]
= h8.2 ∗ 10;

72*

26-
i ∗ h

(14.7	G96)(291	g)

(60.6	G96)(273	g)
i

= 2.12 ∗ 10; 	
72*

26-
	

 
 

Q,",6 = 2.12 ∗ 10; 	
72*

26-
∗

1	R

1000	72* = 2.12 ∗ 10*
R	J+
26-

	
 
 

∴ Q,",6 = 2.12 ∗ 10* 	
R	J+
26-

 
 
In order to complete a material balance around the membrane, this volumetric flow rate must be 
converted to a molar flow rate assuming oxygen behaves as an ideal gas. The conditions of the 
permeate side of the membrane were used to solve for the molar flow rate. 
 

-,",6 	
28@

26-
=
(T6	;42) jQ,",6 	

R
26-k

jl	
R ∗ ;42
28@ ∗ gk

(b6	g)
	

 
 

-,",6 	
28@	J+
26-

=
(1	;42) j2.12 ∗ 10* 	

R
26-k

j0.0821	
R ∗ ;42
28@ ∗ gk

(291	g)
= 88.74	

28@	J+
26-
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-,".6 = 88.74	
28@	J+
26-

∗
1	>28@

1000	28@
∗
60	26-

1	ℎ5
= 5.34	

>28@	J+
ℎ5

	
 
 

∴ -,",6 = 5.34	
>28@	J+
ℎ5

 
 
With this molar flow rate of oxygen and the previously determined vapor mole fraction of 
oxygen in the permeate stream, the total molar flow in the permeate can be determined. 
 

-6 	
>28@

ℎ5
=
-,",6 	

>28@	J+
ℎ5

<,",6
=
5.34	

>28@	J+
ℎ5

0.52
= 10.3	

>28@

ℎ5
	

 
 

∴ -6 = 10.3	
>28@

ℎ5
 

 
This total flow rate can be used to determine the amount of nitrogen that diffuses through the 
membrane to the permeate side. The required nitrogen feed flow rate of nitrogen can be used as 
the residual flow rate of nitrogen for a nitrogen material balance such that the total molar feed flow 
rate can be determined. 
 

-(",6 	= -6 − -,",6 = 10.3	
>28@

ℎ5
− 5.34	

>28@

ℎ5
= 4.96

>28@

ℎ5
	

 
 

-? ∗ <(",? = -6 ∗ <(",6 + -G ∗ <(",G 
 

-? ∗ (0.78) = 4.96
>28@

ℎ5
+ 14.5

>28@

ℎ5
→ -? =

19.46
>28@
ℎ5

0.78
	

 
 

∴ -? = 25	
>28@	;65

ℎ5
	

 
Now that the total molar flow rates in the feed and permeate streams are known and fully defined, 
the total molar flow rate in the residual stream (the stream that feeds into the reactor) can be 
determined. With the molar composition fully defined in all streams, the mole fractions of each 
component can be used to determine the flow rate of that species in a given stream, as seen in 
Table 1. 
 

-G = -? − -6 = 25	
>28@

ℎ5
− 10.3

>28@

ℎ5
= 14.7	

>28@

ℎ5
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∴ -G = 14.7	
>28@

ℎ5
	

 
Table 1: Fully defines all flow rates in and out of the membrane system. The feed air stream comes directly 
from the atmosphere and is compressed and cooled before being fed into the membrane system. The 
permeate stream vents directly to the atmosphere. The residual stream (what is left from the initial feed) is 
the concentrated nitrogen stream that is fed to the reactor. Pressures and temperatures for each stream are 
also included.  

Stream Temperature 
K 

Pressure 
Bar 

Total 
Flow 
Rate 
HIJK
LM

 

Nitrogen 
Mole 

Fraction 

Oxygen 
Mole 

Fraction 

Nitrogen 
Flow 

Rate HIJK
LM

 

Oxygen 
Flow 
Rate 
HIJK
LM

 
Feed  291 4.17 25 0.78 0.22 19.5 5.5 

 
Permeate  291 1.01 10.3 0.48 0.52 5.0 5.3 

 
Residual  291 4.17 14.7 0.99 0.01 14.5 0.2 
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1

Stream Name                23 24 25 26 27 28 29 30 31 32 33 34 35 36
Vapor Fraction [-] 1 1 1 1 1 1 1 0 0 0.3053 0.8699 1 1 1
Temperature [°C] 80 448.7 150 449.6 170 442.8 380 20 20.06 162 157.2 18 411.4 270

Pressure [bar] 1.013 6.5 6.5 25.5 25.5 86 86 1.013 7.25 6.5 5.75 4.17 43 43
Molar Flow [kmol/hr] 49.5 49.5 49.5 49.5 49.5 49.5 49.5 19.48 19.48 19.48 19.48 16.5 16.5 16.5
Mass Flow [kg/hr] 99.79 99.79 99.79 99.79 99.79 99.79 99.79 351 351 351 351 462.2 462.2 462.2

Liquid Volume Flow [m3/hr] 1.428 1.428 1.428 1.428 1.428 1.428 1.428 0.3517 0.3517 0.3517 0.3517 0.5732 0.5732 0.5732
Heat Flow [kJ/hr] 7.764E+04 6.083E+05 1.774E+05 6.114E+05 2.077E+05 6.071E+05 5.156E+05 -5.559E+06 -5.558E+06 -5.127E+06 -4.724E+06 -3.916E+03 1.925E+05 1.198E+05

Stream Name                37 38 39 40 41 42 43 44 45 46 47 48 49 50
Vapor Fraction [-] 1 1 0 0 0.629 1 1 1 1 1 1 1 0 1
Temperature [°C] 436.1 380 20 20.07 157.2 152 380 381.7 290.6 246.9 182.9 -16.01 -33.15 -33.15

Pressure [bar] 86 86 1 6.5 5.75 5 86 13.79 86 13.79 13.79 13.79 13.79 13.79
Molar Flow [kmol/hr] 16.5 16.5 2.14 2.147 2.147 2.147 272.9 272.9 272.9 272.9 272.9 272.9 27.4 245.5
Mass Flow [kg/hr] 462.2 462.2 38.7 38.68 38.68 38.68 2725 2725 2725 2725 2725 2725 466.6 2259

Liquid Volume Flow [m3/hr] 0.5732 0.5732 0.3876 3.876E-02 3.876E-02 3.876E-02 8.151 8.151 8.151 8.151 8.151 8.151 0.7575 7.394
Heat Flow [kJ/hr] 2.059E+05 1.765E+05 -6.125E+05 -6.125E+05 -5.397E+05 -5.104E+05 8.853E+05 8.853E+05 9.534E+04 -2.964E+05 -8.43E+05 -2.502E+06 -1.948E+06 -1.325E+06

Stream Name                51 52 53 54 55 56 57 58
Vapor Fraction [-] 1 1 0 0 0.4631 1 1 1
Temperature [°C] 74.44 380.2 20 20.05 157.2 152 152 74.44

Pressure [bar] 13.79 86 1.013 6.5 5.75 5 5 13.79
Molar Flow [kmol/hr] 235.2 235.2 19.74 19.74 19.74 19.74 19.48 9.722
Mass Flow [kg/hr] 2163 2163 355.6 355.6 355.6 355.6 351 89.43

Liquid Volume Flow [m3/hr] 7.082 7.082 0.3563 0.3563 0.3563 0.3563 0.3517 0.2928
Heat Flow [kJ/hr] -5.186E+05 1.678E+06 -5.631E+06 -5.631E+06 -5.084E+06 -4.693E+06 -4.632E+06 -2.144E+04

0.5357
-7.056E+06

534.7

1
152

5
29.68

Reactor Jacket SteamReactor Jacket Cooling Water
0

20
1.013
29.68
534.7

0.5357
-8.467E+06

Reactor and Ammonia Separation: Section 300 
 
The reactor and ammonia separation section pressurizes the hydrogen and nitrogen feed streams from the electrolysis and membrane 
sections—respectively—and feeds the two streams into the reactor at the design reaction conditions (380 °C, 86 bar). A ruthenium-
based catalyst is used to increase the conversion of the ammonia formation reaction. The reactor outlet is then de-pressurized, cooled, 
and fed into a flash drum. The flash drum separates anhydrous ammonia from the process stream by condensing it out of the process 
stream. The liquid anhydrous ammonia of high purity is then fed into storage vessels while the gas outlet is heated and re-pressurized 
before being recycled back into the reactor. Equipment sizing sample calculations may be found in Appendix I. This section was modeled 
in Aspen HYSYS and good agreement was found between the simulation and hand calculations. For this reason, the stream tables from 
Aspen HYSYS were used in this section because the program used more rigorous methods to calculate stream compositions. The Aspen 
HYSYS flow sheet may be found in Appendix II. 
 
Table 2: Stream table for the ammonia synthesis and separation portion of the design. 
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Figure 3:  Complete PFD for the ammonia synthesis and separation sections. Stream specifications are excluded in this diagram due to available 
space. To find the composition, flows, temperatures, and pressures of all the streams, see the previous table provided by HYSYS

E-301 
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Reactor and Ammonia Separation Section Material Balance via Hand Calculations 
 
The modular ammonia synthesis plant has been designed to produce 10 metric tons per day of 
ammonia. Therefore, five modules will be used to meet the 50 metric tons per day production 
capacity.  
 
Several assumptions and design constraints were made to complete the material balance. First, the 
fresh hydrogen and nitrogen feed was designed to be at a 3:1 hydrogen to nitrogen ratio. This is a 
stoichiometric ratio, and it will be maintained throughout the synthesis loop. The total nitrogen 
conversion was assumed to be 97%, and the separator was assumed to condense 99% of the 
ammonia fed to it. The plant was assumed to have an on time of 88%. The single pass reactor 
conversion was approximated as 20% - a detailed discussion of how this approximation was made 
can be found in the process description section. 
 
The following schematic shows the main streams in the ammonia synthesis loop with all minor 
equipment removed. In this schematic, the fresh nitrogen and hydrogen feed is already mixed in 
stream one.  
 

 
 
The following calculations were used to determine the hourly ammonia production rate and the 
fresh feed requirements for the overall system. 
 

!!"!,$ =
#$%&'()*+*),
0.88	12!"!

 

 

!!"!,$ =
(10	5)	67%) 91000

:;
5)<

(0.88	&=,) 917.03 :;	67%
:5%@	67%

< 924 ℎ$
&=,<

= 27.8
:5%@	67%

ℎ$  
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The stoichiometric reaction ratio and the total nitrogen conversion were used to determine the fresh 
nitrogen feed requirement where D!" is the stoichiometric coefficient for ammonia in the ammonia 
synthesis reaction. 
 

!!",& =
!!"!,$
0.97	D!"

 

 

!!",& =
27.8 :5%@	67%ℎ$

0.97	 F2 :5%@	67%:5%@	6'
G
= 14.5

:5%@	6'
ℎ$  

 
Since the fresh reactants are feed at a stoichiometric ratio, the fresh hydrogen feed can be 
calculated as follows. 
 

!"",& = 3	!!",& 
 

!"",& = 93
:5%@	7'
:5%@	6'

< 914.5
:5%@	6'
ℎ$ < = 43.4

:5%@	7'
ℎ$  

 
Next, the ammonia recovery rate can be used to determine how much ammonia must be leaving 
the reactor. 
 

!!"!,% =
!!"!,$
0.99  

 

!!"!,% =
27.8 :5%@	67%ℎ$

0.99 = 28.1
:5%@	67%

ℎ$  

 
The overall conversion of nitrogen was used next, which allowed for the purge stream to be 
determined.  
 

!!",( = (1 − 0.97)!!",& 
 

!!",( = (0.03) 914.5
:5%@	6'
ℎ$ < = 0.434

:5%@	6'
ℎ$  

 
The stoichiometric ratio of hydrogen to nitrogen is maintained throughout the system, so… 
 

!"",( = 3!!",( 
 

!"",( = 390.434
:5%@	7'
ℎ$ < = 1.30

:5%@	7'
ℎ$  
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This means that 14.1 )*+,	!"
./

 is consumed to produce the 28.1 )*+,	!"!
./

 in the reactor effluent. An 

extent of reaction (J) will be used to determine the internal flows in the system where… 
 

J = 14.1
:5%@	6'
ℎ$  

 
The following equation can be used to determine the nitrogen flow in the reactor effluent. 
 

!!",% = !!",' − J 
 
The single pass conversion is also needed to eliminate an unknown flow rate. 
 

!!",% = (1 − 0.2)!!",'	 
 
Combining these two equations to eliminate !!",' and solve for !!",% yields the following result. 
 

!!",% =
−J

1 − F 1
1 − 0.2G

 

 

!!",% =
−14.1 :5%@	6'ℎ$
1 − F 10.8G

= 56.2
:5%@	6'
ℎ$  

 
The reactor influent and effluent flows can now be specified using these equations and the 
stoichiometric ratio of hydrogen and nitrogen. The last stream to specify is the ammonia lost in 
the purge. To do this, the ratio of nitrogen lost in the purge can be applied to the ammonia lost in 
the vapor leaving the separator, which gives the following equation.  
 

!!"!,( = !!"!,0
!!",(
!!",0

	 

 
The separator is assumed to only condense ammonia, so the nitrogen and hydrogen molar flows 
entering the separator are equal to the molar flows leaving the separator. This specifies ammonia 
in stream five (and hydrogen due to the stoichiometric ratio). 
 

!!",0 = !!",% = 56.2
:5%@	6'
ℎ$  

 
Ammonia leaving is stream five can be specified as well. 
 

!!"!,0 = !!"!% − !!"!,$ 
 

!!"!,0 = 28.1
:5%@	67%

ℎ$ − 27.8
:5%@	67%

ℎ$ = 0.281
:5%@	67%

ℎ$  
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Finally, ammonia lost in the purge stream can be specified. 
 

!!"!,( = 90.3
:5%@	67%

ℎ$ <L
0.434 :5%@	6'ℎ$
56.2 :5%@	6'ℎ$

M = 2.17 ∗ 101%
:5%@	67%

ℎ$  

 
All remaining streams can be specified using equations previously shown, the stoichiometric ratio 
of hydrogen to nitrogen, or simple accounting. The table below gives all molar flow rates in the 
simplified system diagram.   
 
Table 3: Molar flow rates for each species in the simplified process flow diagram. These are the values 
determined by hand calculations. Stream numbers here correspond to the simplified flow diagram, and 
there is no relation to the actual process flow diagrams. 

Stream Nitrogen F2345
67
G Hydrogen F2345

67
G Ammonia F2345

67
G Total F2345

67
G 

1 14.5 43.4 0.0 57.9 
2 70.2 211 0.279 281 
3 56.2 169 28.1 253 
4 0.0 0.0 27.8 27.8 
5 56.2 169 0.281 225 
6 0.434 1.30 2.17 ∗ 101% 1.74 
7 55.7 167 0.279 223 
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Energy Balance and Utility Requirement 
 
Each section of the production plant required some unique energy balance calculations, though all 
sections relied on heat exchangers and compressors to modify the temperature and pressure, 
respectively, of various streams. This section includes a discussion and sample calculation for 
these two key pieces of equipment used throughout the process followed by detailed descriptions 
and calculations for some of the more complicated pieces of equipment.  
 
Heat Exchangers 
 
Heat exchangers employing a variety of heating/cooling fluids were used to modify the 
temperature throughout the process in order to achieve the optimal temperature for various unit 
operations. The following calculation determines the coolant flow rate and required heat transfer 
area of the heat exchanger that cools the air feed into the membrane section after heating up during 
compression.  
First, the required heat load to cool the air is determined based on the known incoming temperature 
(TIn), the desired outlet temperature (TOut), and the total flow rate of air (mair) determined in the 
membrane calculations (Appendix I). 
 

O"8
:P
ℎ$ = 	59:/

:;
ℎ$ ∗ Q;,9:/

:P
:; ∗ R ∗

(S<=>	R − S?@	R) 

 

O"8
:P
ℎ$ = 721.3

:;
ℎ$ ∗ 1.005

:P
:; ∗ R ∗

(291	R − 492	R) = −146141.2	
:P
ℎ$ 

 

∴ 146,141	
:P
ℎ$ 	5'V)	WX	$X5%+X&	Y$%5	)ℎX	=*$	V)$X=5 

 
This heat duty will also be used to estimate the cost of the heat exchanger and the utility cost of 
the refrigerated water used as a coolant. This utility enters the heat exchanger at 5 OC and exits 
after absorbing heat at 10 OC making it a suitable coolant to bring down the air stream temperature 
to 18 OC before flowing through the membrane. This change in temperature and the previously 
calculated heat load were used to determine the required flow rate of refrigerated water to achieve 
the desired outlet stream.  

O"8
:P
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4.2 :P
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A summary of the total energy transfer, required flow rate of heat exchange fluid, and heat 
exchange area (see Appendix I for sample calculation) for all heat exchangers in a single module 
of the production plant is included in Table 4, below. 
 
Table 4: Summary of calculated values for all heat exchangers featured in the process. Please note that 
these values are all based on a single module basis. Additionally, note that the use of deionized water to 
cool the hydrogen and nitrogen feeds enabled the production of steam which can be sold for credit (see 
costing calculations and summary).  

Section Unit 
Number 

Heat Transfer 
Fluid 

Total Energy 
Transfer 

Z[
\] 

Heat Transfer 
Fluid Flow Rate 

Z^
\] 

Size 
_G 

Electrolysis 
(100) 

     

 E-115 Steam 
 

155,000 74 0.54	 

Membrane 
(200) 

     

 E-201 Refrigerated 
Water 

146,000	 6,960 5.6	 

Synthesis 
Loop (300) 

     

 E-301 Deionized 
Water 

387,000 314(a) 3.6 

 E-302 Deionized 
Water 

363,000 314(a) 8.4 

 E-303 Deionized 
Water 

86,700 314(a) 0.62 

 E-304 Deionized 
Water 

71,400 38(b) 0.50 

 E-305 Deionized 
Water 

29,900 38(b) 0.21 

 E-306 Internal Loop 790,000 N/A 7.0 
 E-307 Deionized 

Water 
392,000 355(c) 9.6 

 E-308 Deionized 
Water 

547,000 355(c) 12.4 

 E-309 Refrigerant 
(60% Jeffcool 

E100 w/ water) 

1,660,000 198,000 50.6 

(a) = Shared coolant for nitrogen feed, (b) = Shared coolant for hydrogen feed, (c) = Shared 
coolant for post-reactor cooling of product 
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Compressors 
 
Compressors are used throughout the ammonia production module. The power requirement for 
each compressor was determined through hand calculations and modeled in Aspen HYSYS. The 
hand calculations were performed using the following equations for shaft work, outlet temperature, 
and actual outlet temperature. 
 

2̀H =
aS:@:
b(: − 1) c9

#+=>
#:@

<
)1&
)
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S+=> = S:@ 9
#+=>
#:@

<
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b =
S+=> − S:@

S+=>,9I>=9, − S:@
 

 

Where a is the gas constant, : = J#
J$

 of the species being compressed, b is the combined motor and 

turbine efficiency, 2̀H is the shaft work in 
K

*+,
. The inlet temperature and pressure and outlet 

pressure were all specified when designing the compressors for the ammonia production module. 
Finally, the third equation presented here was rearranged to determine the actual outlet temperature 
of the compressed gas. 
 

S+=>,9I>=9, =
S+=> − S:@

b + S:@ 

 
The first compressor in the fresh hydrogen feed section, C-301, was sized based on an inlet 
temperature of 80 oC, inlet pressure of 1.01 bar, and a desired outlet pressure of 6.50 bar. The : 
for hydrogen is 1.41 [22]. The motor efficiency and turbine efficiency for all compressors were 
assumed to be 0.90 and 0.75, respectively, giving an overall efficiency of 0.675 (b). Thus, the 
shaft work for C-301 was…  
 

2̀H =
F8.314 :P

:5%@ ∗ RG (353R)(1.41)
(0.675)(1.41 − 1) c9

6.50	W=$
1.01	W=$<

&.$&1&
&.$&

− 1d = 10,700
:P

:5%@ 

 
Next, the molar flow rate of hydrogen in this section of the plant could be used to determine the 
energy requirement of the compressor in kilowatts.  
 

2H = 2̀H ∗ ḟ"" 
 

2H = 910,700
:P

:5%@< 943.4
:5%@	7'
ℎ$ < 9

1	ℎ$
3600	V< = 129	:2 
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Next, the perfect efficiency outlet temperature can be calculated to then determine the actual outlet 
temperature. The actual outlet temperature is needed to specify downstream processes. 
 

S+=> = (353	R) 9
6.50	W=$
1.01	W=$<

&.$&1&
&.$&

= 606	R 

 
Finally, the actual outlet temperature can be calculated as follows. 
 

S+=>,9I>=9, =
606	R − 353	R
(0.90 ∗ 0.75) + 353	R = 728	R 

 
A summary of the sizing for each compressor in the 10 metric ton per day module can found in 
the table below.  
 
Table 5: Summary of the sizing calculations for all compressors in the 10 metric ton per day ammonia 
production module. All compressors were calculated using a motor efficiency of 0.9 and turbine 
efficiency of 0.75, which gives an overall efficiency of 0.675. The power input column represents the 
energy requirement determined by hand (see calculations above), and the Aspen HYSYS column 
represents the results from the Aspen HYSYS model. 

Compressor Location Pressure 
Change (bar) 

Power Input 
(kW) 

Temperature 
Change (oC) 

C-201 Air feed to membrane 
separation 

1.01 à 4.17 44.0 23 à 220 

C-301 
1st fresh hydrogen 
feed compressor 1.01 à 6.50 129 80 à 449 

C-302 
2nd fresh hydrogen 
feed compressor 6.50 à 25.5 105 150 à 450 

C-303 
3rd fresh hydrogen 
feed compressor 25.5 à 86.0 95.9 170 à 443 

C-304 
1st fresh nitrogen feed 

compressor 
4.17 à 43.0 47.9 18 à 411 

C-305 
2nd fresh nitrogen 
feed compressor 

43.0 à 86.0 20.6 270 à 436 

C-306 Recycle compressor 13.8 à 86.0 639 74 à 380 

 
Electrolysis Cell Energy Balance 
 
In the electrolysis section, hydrogen gas is produced with a system of alkaline electrolysis cells. 
Within each electrolysis cell, an oxidation reaction occurs at the anode, and a reduction reaction 
occurs at the cathode. The combination of these two reactions is simply the conversion of water 
into hydrogen gas and oxygen gas. These reactions are shown below. 
 

Oxidation at Anode: 4h71(=i) ↔ h'(+) + 27'h(@) + 4X1 
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Reduction at Cathode: 47'h(@) + 4X1 ↔ 27'(+) + 4h71(=i) 
 

Overall Reaction: 27'h(@) ↔ 27'(+) + h'(+) 
 

The overall reaction is endothermic, and energy is needed to be supplied for the conversion to 
happen at steady state. Energy supplied to this reaction via the current applied across the cell, 
which drives each electrochemical reaction. However, the current must also overcome energy 
losses due to ohmic resistance (in addition to the energy absorbed by the reaction). A conservative 
value of 5.0 kW-hr/Nm3 of hydrogen produced was used in this design, with the typical range 
being 4.2 – 4.8 kW-hr/Nm3 [3]. Below, the electricity requirement for the electrolysis cell system 
is calculated. The first step is to convert the molar flow rate of hydrogen into a normal volumetric 
flow rate. 
 

!"" =
430005%@ℎ$ ∗ 8.314 P

5%@ ∗ R ∗ 273.15	R
100000	#= = 976

65%

ℎ$  

 

2 = 976
65%

ℎ$ ∗ 5.0
:2 ∗ ℎ$
65% = 4882	:2 

 
The energy lost to resistance is absorbed by the alkaline solution as heat, and must be transferred 
to cooling water in the cooling jacket to avoid an increase in temperature. The heat load through 
the cooling jacket can be calculated with a steady-state energy balance as shown below. Note: the 
reaction term is negative because it is drawing energy out of the system. 
 

∆7 = 0 = −ḟ""< ∗ ∆7/L@ + O +2 
 

∴ O = −2 + ḟ""< ∗ ∆7/L@ = −4882
:P
V + l943000

5%@
ℎ$ ∗ 284

:P
5%@< ∗

1	ℎ$
3600	Vm 

 
→ O = −1490	:2 

 
With the heat load calculated, the flow rate of cooling water required can be calculated as seen in 
the heat exchanger energy balances above. In this case, 36 kg/hr of cooling water is needed per 
module. Cooling water is supplied at 30 °C, and is heated to 40 °C. 
 
Reactor Energy Balance 
 
The ammonia synthesis reaction is exothermic, and the heat evolved must be removed to maintain 
the reaction conditions and safe operation. For this preliminary design, the reactor is assumed to 
be isothermal and isobaric at 380 °C and 86 bar. Deionized water will be fed to the reactor cooling 
jacket, which will evaporate in the jacket to remove heat from the system. The water feed will be 
pumped to 5 bar to reduce the temperature difference between the vaporizing water and the reactor 
and minimize stress due to thermal expansion of the material. The steam created in the jacket can 
then be used elsewhere in the plant or for credit. Sample calculations for the reactor energy balance 
can be found in Appendix III – Other Supplementary Information. 
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A hypothetical path was used to determine that −2.76 ∗ 10( kJ/hr of heat must be removed from 
the reactor to maintain isothermal operation. In this calculation, the heat capacities of each species 
were assumed to be relatively independent of temperature, and a high and low value for the heat 
capacity were averaged and used in calculations. The heat capacity was also assumed to be 
independent of pressure, and the small amount of ammonia in the feed was assumed to have a 
negligible effect on the energy balance.  
 
Finally, it was determined that 1,300 kg/hr of deionized water at 5 bar would need to be evaporated 
in the reactor jacket to maintain isothermal operation of the reactor. These calculations can also be 
found in Appendix III – Other Supplementary Information. This hand calculation is about twice 
as much steam generation compared to the Aspen HYSYS model. This discrepancy may be due to 
the hand calculation’s lack of dependence on pressure. The more conservative steam generation 
will be used in costing because it will give a more conservative cost estimate by reducing the steam 
credits earned.  
 
Flash Drum 
 
The energy balance on the flash drum was simulated in Aspen HYSYS and verified with hand 
calculations. The energy balance is used to calculate the energy requirement of the heat exchanger 
in the flash drum. The molar enthalpies—which were based on composition, temperature, and 
pressure—as well as the molar flow rate were the basis for the calculations. The UNIQUAC 
equation of state was used in the Aspen HYSYS simulation for the flash drum section. 
 

ḟC,9H.,:@ℎC,9H.,:@ = ḟC,9H.,M9;		+=>ℎC,9H.,M9;	+=> + ḟC,9H.,,:N		+=>ℎC,9H.,,:N	+=> + iC,9H.	"8 
 

273$%&'ℎ) ∗ −9178 $/
$%&' − °1 = 246$%&'ℎ) ∗ −5398 $/

$%&' − °1 + 
 

27.4 $%&'ℎ) ∗ −71,100 $/
$%&' − °1 + :!"#$%,'( 

 

∴ :!"#$%,'( = −768,300 $/ℎ) = −q)**+,-. 
 
The energy requirement of the flash drum heat exchanger is then used to calculate the mass flow 
rate of coolant required using a simple energy balance calculation using the heat capacity of the 
heat transfer fluid as well as the temperature change of the heat transfer fluid. The heat transfer 
fluid was assumed to change from 230 K to 240 K. The heat capacity was assumed to be that of 
the Jeffcool E100 heat transfer fluid 60 volume percent water mixture [20]. 
 

:/00"#12 = %̇/00"#1213		/00"#12Δ?/00"#12 
 

768,300 $/ℎ) = %̇/00"#12 ∗ 0.38
kJ

lb − K ∗ (240K − 230K)	
 

∴ %̇/00"#12 = 201,657 "5
%6  
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Equipment List and Unit Descriptions 
 
Table 6: Brief descriptions for each piece of equipment in a single module. 

Equipment 
Number Unit Description 

Electrolysis: Section 100 
H-110 This is the system of electrolysis (or hydrolysis) cells which produces the 

pure hydrogen stream needed in the ammonia synthesis loop. It contains 
multiple electrolysis cells, each with two electrodes. Current is applied 
across the electrodes to drive the reduction and oxidation reactions, and a 
cooling water jacket is used to maintain a system temperature of 80 °C. 

F-111 Filtration and purification system used to keep unwanted contaminants and 
obstructions out of the electrolysis cell. Utility water is sent through this 
system before it is heated and flowed into the electrolysis cell system. 

V-112 The mixing vessel used to dissolve the solid electrolyte, potassium 
hydroxide. This vessel is not used in steady-state operation, only when 
electrolyte must be added to the system (during startup). 

V-113 Mixing vessel used to dilute the concentrated solution from the electrolyte 
mixing vessel. During steady-state operation, this simply acts as a holding 
tank for the purified water before it is pumped into the electrolysis cell. 

P-114 Centrifugal pump used to overcome the 75 kPa pressure drop through the 
heat exchanger and pump the water into the electrolysis cell. 

E-115 Shell-and-tube heat exchanger used to preheat the water inlet to the steady-
state operating temperature of 80 °C. Pressurized (550 kPa) saturated steam 
is used as the shell fluid, which heats the tube-side water inlet stream. 

Membrane: Section 200 
F-201 Filtration system used to protect the membrane from potential contaminants. 

Includes a polyester filter to remove particulates and silica gel beads as a 
desiccant to remove water vapor from the air. 

C-201 According to our literature review, the optimal feed pressure for the 
membrane to operate most efficiently is about 4.17 bar. Because the feed air 
is taken directly from the atmosphere, this compressor is tasked with 
quadrupling the pressure. 

E-201 The compression of the air stream increases the temperature to about 220 
oC; thus, a significant decrease in temperature is required to achieve the 
optimal operating temperature for the membrane of 18 °C. For this vapor 
stream, it is assumed that heat exchange is perfectly isobaric. 

M-201 The membrane itself used to a nitrogen stream that is 99% pure to be fed 
into the reactor section (while the permeate stream is vented to the 
atmosphere). The basic design includes a chamber open to the atmosphere a 
pipe coiled within composed of the membrane material with the feed stream 
flowing through it. 

Ammonia Synthesis and Separation: Section 300 
C-301 This is the first compressor following the electrolysis section. The 

compressor increases the inlet hydrogen feed stream. The pressure increases 
to a point at least 50 °C before the autoignition point. 
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C-302 This is the second compressor following the electrolysis section. The 
compressor increases the pressure of the outlet stream of the E-301 heat 
exchanger. The pressure increases to a point at least 50 °C before the 
autoignition point. 

C-303 This is the third compressor following the electrolysis section. The 
compressor increases the pressure of the outlet stream of the E-302 heat 
exchanger. The pressure and temperature increases to the reactor conditions 
and a point at which the stream is at least 50 °C before the autoignition 
point, respectively. 

C-304 This is the first compressor following the membrane separation section. The 
compressor increases the inlet nitrogen feed stream. The pressure increases 
to about the same temperature as the C-301 outlet temperature. 

C-305 This is the second compressor following the membrane separation section. 
The compressor increases the outlet of E-304 heat exchanger. The pressure 
increases to the reactor operating conditions. 

C-306 This is the compressor on the recycle stream. It increases the pressure of the 
E-306 outlet from the pressure in S-301 to the reactor operating pressure. 

E-301 This is the first heat exchanger following the electrolysis section. The heat 
exchanger utilizes de-ionized water to cool the stream after C-301 to a safe 
operating temperature before C-302 to prevent auto-ignition of hydrogen, 
which occurs at 500 °C. The inlet water is that of the outlet de-ionized water 
pump P-301. The outlet water is partially vaporized. 

E-302 This is the second heat exchanger following the electrolysis section. The 
heat exchanger utilizes de-ionized water to cool the stream after C-302 to a 
safe operating temperature before C-303 to prevent auto-ignition of 
hydrogen, which occurs at 500 °C. The inlet water is that of the outlet de-
ionized water from E-301. The outlet water is partially vaporized. 

E-303 This is the third heat exchanger following the electrolysis section. The heat 
exchanger utilizes de-ionized water to cool the stream after C-303 the 
reactor conditions. The inlet water is that of the outlet de-ionized water 
from E-302. The outlet water is saturated steam at 5 bar. 

E-304 This is the first heat exchanger following the membrane separation section. 
The heat exchanger utilizes de-ionized water to cool the stream after C-304 
to a safe operating temperature before C-302. The inlet water is that of the 
outlet de-ionized water pump P-302. The outlet water is partially vaporized. 

E-305 This is the second heat exchanger following the membrane separation 
section. The heat exchanger utilizes de-ionized water to cool the stream 
after C-305 to the reactor conditions. The inlet water is that of the outlet de-
ionized water of E-304. The outlet water of this heat exchanger is saturated 
steam at 5 bar. 

E-306 This is the heat exchanger following V-301 after the reactor. The heat 
exchanger utilizes the outlet of S-301 to cool the post-reactor stream before 
entering into a series of heat exchangers that cool it before the flash drum. 

E-307 This is the heat exchanger following the  E-306 outlet process stream. The 
heat exchanger has an inlet de-ionized water flow rate from E-308 that is 
partially vaporized. The outlet de-ionized water is saturated steam at 5 bar. 
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E-308 This is the heat exchanger following the  E-307 outlet process stream. The 
heat exchanger has an inlet de-ionized water flow rate from P-303, which is 
used to cool the process stream. The process stream partially vaporizes the 
cooling water, which enters at room temperature. 

E-309 This is the heat exchanger following the E-308 process stream. The heat 
exchanger utilizes the Jeffcool E100 60 volume percent fluid to cool the 
process stream down just before its dew point. 

Flash Jacket This is the cooling jacket/heat exchanger used within the flash drum. The 
heat exchanger cools down the outlet from E-309 to a point at which would 
generate a liquid stream with the specified purity of 99.5 wt percent 
ammonia. 

P-301 This is the pump that feeds de-ionized water to E-304 and E-305. The pump 
takes water at STP and increases the pressure such that the outlet out of E-
305 would be saturated steam at 5 bar. The liquid pressure drop across each 
heat exchanger is assumed to be 0.75 bar. 

P-302 This is the pump that feeds de-ionized water to E-301, E-302, and E-303. 
The pump takes water at STP and increases the pressure such that the outlet 
out of E-303 would be saturated steam at 5 bar. The liquid pressure drop 
across each heat exchanger is assumed to be 0.75 bar. 

P-303 This is the pump that feeds de-ionized water to E-307 and E-308. The pump 
takes water at STP and increases the pressure such that the outlet out of E-
307 would be saturated steam at 5 bar. The liquid pressure drop across E-
307 and E-308 is assumed to be 0.75 bar. 

R-301 This is the reactor vessel which converts nitrogen and hydrogen into 
ammonia with a Ru based catalyst. The temperature and pressure of the 
reactor is maintained at 380 °C and 86 bar, respectively. The outlet of C-
306, E-303, and E-305 enter the reactor. The outlet of the reactor goes into 
V-301. 

Reactor Jacket This is the jacket of the R-301 reactor. It produces saturated steam from de-
ionized water fed into the system. 

S-301 This is the flash drum, which is a vessel used to isolate liquid ammonia out 
of the E-309 outlet process stream. The flash drums were designed to 
generate a total of 50,000 metric tons of 99.5 wt percent anhydrous 
ammonia between all of the modules. 

V-301 This is the expansion valve immediately after the reactor section. The valve 
is a throttling valve that decreases the pressure from the reactor conditions 
to that at which the anhydrous ammonia product would be stored at. 
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Equipment Specification Sheets 
 
Table 7: Specifications for all equipment featured in plant which was ultimately used for costing. For sizing 
calculations see Appendix I. The material of construction used was also considered. 

Equipment 
Number 

Characteristic Size - 1 Characteristic Size - 2 Material of Construction 

Electrolysis: Section 100 

H-110 2*&)ℎ, o = 2.3	5 p%@'5X, p = 11.6	5% 
Shell: Stainless Steel 316 
Electrodes: Hot-Dip (in 
Zinc) Galvanized Nickel 

F-111 ḟ""< = 43
:5%@	7'h

ℎ$  N/A Carbon Steel, Polyester 

V-112 p%@'5X, p = 1	5% N/A Stainless Steel 316 
V-113 p%@'5X, p = 1	5% N/A Stainless Steel 316 
P-114 2 = 0.01	:2 N/A Stainless Steel 316 
E-115 O = 43	:2 q = 0.54	5' Stainless Steel 316 

Membrane: Section 200 

F-201 f9:/ = 25	
:5%@	=*$

ℎ$  N/A 
Filter: Polyester 

Desiccant: Silica Gel 
C-201 2 = 44	:2 ∆# = 316	:#= Carbon Steel 
E-201 O = 41	:2 q = 5.6	5' Carbon Steel 

M-201 r = 27	5 p = 502	(5% 
Pebax-2533 TFC w/ T(p-

OCH3)PPCoCl 
Ammonia Synthesis and Separation: Section 300 

C-301 W	=	129	kW	 1.01 à 6.50 Carbon Steel 
C-302 W		=105	kW	 6.50 à 25.5 Carbon Steel 
C-303 W	=	95.9	kW	 25.5 à 86.0 Carbon Steel 
C-304 W	=	47.9	kW	 4.17 à 43.0 Carbon Steel 
C-305 W	=	20.6	kW	 43.0 à 86.0 Carbon Steel 
C-306 W	=	639	kW	 13.8 à 86.0 Carbon Steel 
E-301 Q = 120	kW A =3.57 m2 Stainless Steel 316 
E-302 Q = 112	kW A =8.37 m2 Stainless Steel 316 
E-303 Q = 25.0	kW A =0.62 m2 Stainless Steel 316 
E-304 Q = 20.0	kW A =0.50 m2 Stainless Steel 316 
E-305 Q = 8.10	kW A =0.21 m2 Stainless Steel 316 
E-306 Q = 219	kW A =6.97 m2 Stainless Steel 316 
E-307 Q = 109	kW A =9.62 m2 Stainless Steel 316 
E-308 Q = 152	kW A =12.4 m2 Stainless Steel 316 
E-309 Q = 461	kW A =50.6 m2 Stainless Steel 316 

Flash Jacket Q = 213	kW A =161 m2 Stainless Steel 316 
R-301 D = 2.1 m P = 86 bar Stainless Steel 316 

Reactor Jacket Q = 392	kW N/A Stainless Steel 316 
S-301 L = 5.1 m D = 1.0 m Stainless Steel 316 
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Process Safety Considerations 
 
Waste Treatment 
 
There are two waste streams in each modular ammonia production facility: the purge stream 
coming off of the recycle loop in the ammonia synthesis section as well as the oxygen rich air 
stream coming off of the electrolysis section. 
 
Ammonia gas is toxic and poses a threat to climate change because it is a greenhouse gas [24]. For 
these reasons, the ammonia needs to be removed from the gas stream prior to environmental 
release. The purge stream stemming from the recycle loop contains about 15 weight percent 
ammonia. An ammonia packed bed gas scrubber will be used to treat this stream. In the scrubber, 
a sulfuric acid mixture with water will be used to strip ammonia gas out of the air stream before it 
is released to the environment. Since the gas scrubber would be small as it only has to treat about 
90 kg/hr of gas, the gas scrubber cost is included in the budget used for miscellaneous equipment. 
The scrubbing blowdown fluid may be sold as a crude fertilizer to local farmers [25]. 
 
In addition to high levels of ammonia in the purge stream, there is also about 15 weight percent 
hydrogen. This hydrogen in the air stream poses a flammability concern. To mitigate this risk, the 
hydrogen rich stream following the ammonia packed bed scrubber will be sent to an incinerator 
stack with the stream described in the following paragraph. 
 
The oxygen rich air stream stemming from the electrolysis section is about 50% inert gasses (argon 
and nitrogen) and 50% oxygen. The main risks that the oxygen rich stream poses is a flammability 
risk if the stream is near fuel as well as oxygen poisoning if the gas outlet is not in a well ventilated 
area. To deal with this, the oxygen rich stream will be sent through an incinerator stack with the 
outlet of the ammonia packed bed scrubber that would oxidize the hydrogen rich stream to form 
water. 
 
Health Risk Mitigation  
 
Table 8:  Table with the key health risks and steps taken to mitigate these. 

Health Risk Risk Mitigation 
Ammonia 

Gas 
Exposure 

Provide operators with sufficient training on how to respond to gas leaks in 
the process stream. Also have ammonia gas alarms at various points along the 
process stream, especially around areas prone to leaking. The purge stream 
will also be treated with a packed bed scrubber to prevent emission of the 
toxic gas. Lock out tag out procedures will also be in place to ensure proper 
operation and maintenance of valves and other equipment controlling this 
hazard. Equipment will be regularly monitored and maintained in effort to 
prevent excursions or failures. 

High Oxygen 
Level 

Exposure 

Provide operators with sufficient training on how to respond to gas leaks in 
the process stream. The oxygen rich stream coming from the electrolysis 
section will be sent to an incinerator stack (electric of course to maintain 
carbon neutrality) with the hydrogen rich packed bed scrubber outlet. Oxygen 
alarms will also be present at various points along the process stream, 
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especially around areas prone to leaking. Lock out tag out procedures will 
also be in place to ensure proper operation and maintenance of valves and 
other equipment controlling this hazard. Equipment will be regularly 
monitored and maintained in effort to prevent excursions or failures. 

Suffocation 
from excess 
exposure to 

nitrogen 

Provide operators with sufficient training on how to respond to gas leaks in 
the process stream. The oxygen gas alarms will also be a good indicator of 
nitrogen levels. If the oxygen levels are too low, this would be indicative of 
potential suffocation from overexposure to nitrogen. Lock out tag out 
procedures will also be in place to ensure proper operation and maintenance 
of valves and other equipment controlling this hazard. Equipment will be 
regularly monitored and maintained in effort to prevent excursions or failures. 

Flammability Provide operators with sufficient training on how to respond to gas leaks in 
the process stream. Hydrogen gas sensors will be located along the process 
streams. The hydrogen rich purge stream will be treated by oxidizing it in an 
incinerator stack (electric powered) with the oxygen rich stream from the 
electrolysis section. Lock out tag out procedures will also be in place to 
ensure proper operation and maintenance of valves and other equipment 
controlling this hazard. Equipment will be regularly monitored and 
maintained in effort to prevent excursions or failures. 

Sulfuric acid 
and 

potassium 
hydroxide 
exposure 

Provide operators with sufficient training on how to respond to handle these 
hazardous chemicals as well as respond to leaks in the process streams. A 
containment and secondary containment area will be used around sulfuric acid 
tanks and scrubbers. PPE will be provided to operators working on equipment 
that contains sulfuric acid. Lock out tag out procedures will also be in place to 
ensure proper operation and maintenance of valves and other equipment 
controlling this hazard. Equipment will be regularly monitored and 
maintained in effort to prevent excursions or failures. 

Pressurized 
gas 

Provide operators with sufficient training on how to respond to gas leaks as 
well as ruptured lines. Pressure relief valves (vacuum and high pressure) and 
rupture disks will be on pressurized systems. In addition to that, system 
controls will be designed to prevent rapid pressure changes resulting from 
condensing gas by ensuring that no areas with hot gasses in them will be 
filled with cold gasses during a defrosting cycle. Strict system controls will be 
put in place to prevent the mixture of hot and cold streams in process piping 
that would be at risk of condensing and generating a vacuum. Isolation valves 
will be placed on each pressurized system and vessel to ensure that if one 
system or vessel had an emission event, only the contents of that specific 
system or vessel would be released. Lock out tag out procedures will also be 
in place to ensure proper operation and maintenance of valves and other 
equipment controlling this hazard. Equipment will be regularly monitored and 
maintained in effort to prevent excursions or failures. 

Pinch points Provide operators with appropriate training about how to avoid pinch points 
as well as PPE to help protect them when operating around pinch points. Lock 
out tag out procedures will also be in place to ensure proper operation and 
maintenance of valves and other equipment controlling this hazard. 
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Height risks Provide operators with appropriate training about how to use a ladder and 
work at heights properly as well as PPE to help protect them from fall risks 
when working at heights. Lock out tag out procedures will also be in place to 
ensure proper operation and maintenance of valves and other equipment 
controlling this hazard. Equipment will be regularly monitored and 
maintained in effort to prevent excursions or failures. 

Electric 
shock 

All process lines will be grounded to prevent the buildup of static electricity. 
This will prevent electrical arks that could harm people or pose a fire risk. 
Lock out tag out procedures will also be in place to ensure proper operation 
and maintenance of valves and other equipment controlling this hazard. 
Equipment will be regularly monitored and maintained in effort to prevent 
excursions or failures. 

 
 
Relevant Knowledge from Other Chemical Plants –Relevant lessons learned from the industry 
and a summary of how these have been incorporated in the design 
 
Millard Event in Theodore, AL 
An anhydrous ammonia production plant in Theodore Alabama, owned by Millard, was a frozen 
poultry export facility. The chemical that caused the explosion was anhydrous ammonia. The 
explosion occurred as a result of hydraulic shock, which released 32,000 pounds of anhydrous 
ammonia into the surrounding area [26].  
 
The plant lost power on August 22nd, which caused issues around the plant with start-up. The 
cooling coils responsible for condensing ammonia into liquid had lost power for seven hours. On 
August 23rd, an operator was working on troubleshooting startup issues when he manually cleared 
the alarms in the refrigeration coils. The refrigeration system was in the process of a defrosting 
cycle in which hot ammonia is put through the coils to melt the ice on the outside of the coils. 
When he cleared the alarm it reset the refrigeration system, which caused the system to go into a 
refrigeration cycle. This put cold, liquid anhydrous ammonia into the coils, which condensed the 
hot ammonia and generated a vacuum rapidly. This sudden change in pressure resulted in a piping 
failure due to hydraulic shock (a sudden localized pressure surge). Instead of initiating an 
emergency shutdown, the decision was made to isolate the piping failure during operation. This 
led to increased stress on the roof mounted manifold above the piping system that failed which 
ultimately caused it to catastrophically fail [26]. 
 
The failure was easily preventable in a number of ways. Manually interrupting the defrosting cycle 
was the primary cause of the disaster, which could be prevented by ensuring that control systems 
are equipped with security devices that only trained and authorized personnel may manually 
override. Along with that, this process could be made inherently safer by reducing the number of 
evaporator coils connected to the same valve. Only one of the coil systems failed, but the contents 
of four evaporator coil systems were released since they were connected to one valve [26]. By 
putting a valve on each coil individually, this will limit the damage if a release event were to occur. 
The process also could have been made safer by installing interruption of service logic in the 
control system. If the control system had been programmed to automatically remove contents in 
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the coil before restarting a refrigeration cycle, the hydraulic shock even could have been prevented 
because there would be no hot cause in the system to condense and cause a rapid pressure change. 
 
The failure released 32,000 pounds of anhydrous ammonia in the area, which traveled a quarter 
mile to a site where 800 contractors were working on cleaning up the Deepwater Horizon oil spill. 
A total of 153 people were exposed to toxic levels of anhydrous ammonia. 32 off-site workers 
required hospitalization and four required ICU admittance [26]. The ammonia also caused 
significant environmental damage to the aquatic species in the area. The aquatic species in the area 
were already stressed due to the oil pollution and the release caused a spike in unionized ammonia 
that is significantly toxic to marine populations [27]. Along with affecting the local community 
and environment, this failure also set a precedent for how release events are legally handled. 
Millard had previously had an ammonia release due to hydraulic shock at the same site three years 
before. Millard was found guilty in violating the Clean Air Act and ultimately was evicted from 
the site in addition to receiving a $3 million fine [28]. This affected the chemical industry by 
providing another example of what can happen if corrective actions aren’t taken and the severe 
legal implications of chemical plant failures that are the result of negligence [26]. Events like these 
make chemical engineering negatively viewed in the public eye. Out of specification events or 
plant failures would be costly to the company and could shut down the ammonia plants all together. 
 
Goodyear Heat Exchanger Explosion 
Another relevant lesson to ammonia production is that of heat exchanger explosion which occurred 
at a Goodyear rubber synthesis facility. The heat exchanger in utilized latent heat from anhydrous 
ammonia latent heat to cool a process stream. On June 10th, 2008, a Goodyear employee closed 
the isolation valve to the pressure relief system on the ammonia side of the heat exchanger to 
replace a ruptured rupture disk. However, the employee never reopened the isolation valve to allow 
the pressure relief system to work properly. On June 11th, 2008, a Goodyear employee closed the 
block valve to the ammonia-side pressure control valve before cleaning the process side of the heat 
exchanger with steam. The ammonia side of the heat exchanger was isolated from the pressure 
control valve and the pressure relief system, which caused the heat exchanger to pressurize until it 
violently exploded. The explosion killed one employee and injured six others. The employee 
tracking system failed, and the fatally injured employee was not found for hours after the 
explosion. The explosion also resulted in the release of toxic ammonia vapors [29]. 
 
Based on the CSB report, the heat exchanger had been properly designed and equipped with 
pressure control and relief devices. The issues that lead to the over pressurization, explosion, and 
unaccounted employees was a result of poor protocols and lack of practice/commitment to the 
protocols. The major takeaways from this incident are that headcount drills must be practiced 
routinely, and headcount procedures must have contingency plans if automatic headcount systems 
fail. Headcount practice drills should also simulate the failure of automatic headcount systems. 
The maintenance completion protocols were also not followed, and the protocols were not taken 
seriously. Proper lockout-tagout procedures need to be followed for all maintenance work. 
Maintenance protocols also need to follow the proper ASME Boiler and Pressure Vessel Code, 
which include designating an individual to monitor and have control over vessel pressure when a 
pressure relief system is isolated. The heat exchanger explosion could have been avoided at the 
Goodyear rubber facility if proper lockout-tagout procedures had been followed during regular 
maintenance. Implementing these procedures and safeguards is essential before plant operation.  
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Safety, Health, and Environmental Considerations 
 
Extreme safety precautions must be taken designing this plant as significant hazards are present. 
Among the safety hazards include flammable gases, hydraulic shock, ammonia exposure, oxygen 
toxicity, asphyxiation, sulfuric acid exposure, potassium hydroxide exposure, pressurized gas, 
pinch points, working at heights, and electric shock. In addition to all of those health 
considerations, chemicals in the process also pose environmental threats like accelerating the 
Greenhouse Effect as well as poisoning organisms in the surrounding area if waste streams are not 
properly treated. 
 
A few general safety practices will be used to mitigate the above safety risks for on-site personnel. 
Operators will be adequately trained how to handle chemicals used in each system, operate safely 
around pressurized gas risks, perform lock out tagout procedures, and operate safely at heights. 
Along with that, operators will be properly trained how to maintain equipment as well as operate 
equipment. Operators will also be provided with appropriate PPE to mitigate inherent risks 
associated with operating and maintaining each piece of equipment. This includes—but is not 
limited to—acid/base protective suits, helmets, safety glasses, gloves, fall protection, closed toed 
boots, respirators, and ear protection. In addition to that, equipment maintenance and inspections 
will be performed regularly to ensure proper function of equipment. Evacuation routes will be 
posted in visible locations and regular evacuation drills will be performed so that everyone on site 
will know the quickest and most effective way to evacuate during a potential excursion. Noise 
measurements will be taken around the plant to find areas where ear protection should be required. 
Red and yellow tape with documentation will be used to restrict personnel from entering areas that 
are temporarily hazardous, while physical barriers and guard rails will be used to prevent 
accidental entry into an area deemed inherently hazardous. 
 
The plant will also have devices and practices to make the systems inherently safer. Process 
pipelines and vessels will be equipped with pressure relief valves so that pressurized and vacuum 
systems don’t fail. Rupture disks will be put in place prior to pressure relief valves to reduce wear 
and extend life. Spill kits and fire extinguishers will be located around the plant in case of 
emergency. For pressurized gas systems, each pressurized vessel will have a blast gate or isolation 
valve to prevent the contents of more than one vessel from releasing during an excursion. In 
addition to that, controls will be put in place to prevent an accidental mixture of cold and hot 
streams that could result in hydraulic shock if the hot stream rapidly cooled and condensed. All 
systems containing gases and liquids with the potential to generate static electricity will be 
properly grounded to reduce the risk of arc and electrocution. To prevent flammability risks 
associated with hydrogen, heat exchangers will be used to ensure that hydrogen never exceeds a 
temperature within 50 °C of its autoignition temperature. 
 
Environmental sustainability was one of the primary drivers when designing this plant. Our goal 
to remain carbon neutral was achieved by using electrolysis rather than steam reformation to 
generate hydrogen along with using stranded wind energy instead of non-renewable sources of 
energy. Waste streams will be properly treated prior to release to ensure the health of neighbors 
and the surrounding environment. Ammonia is toxic as well as a greenhouse gas that can also form 
into NOx if it is oxidized, which is a more potent greenhouse gas. For this reason, process 
equipment will be used to reduce ammonia emissions around the plant. The purge stream of the 
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ammonia synthesis loop will be treated to strip out ammonia and hydrogen with a scrubber and 
stack as discussed in the previous section to minimize the release of toxins in the surrounding 
environment. In addition to that, the blowdown of the ammonia scrubber—which is rich in 
ammonium sulfate—will be given away as a crude fertilizer to reduce the amount process waste. 
 

Equipment Cost Summary 
 
Various costing correlations were used while estimating the installed costs of the major equipment 
featured throughout the modular process. While some equipment types were used in multiple 
sections and required simpler costing correlations (such as the compressors and heat exchangers), 
others required a more complicated calculation. Below are explanations and example applications 
of the costing correlations used for costing the general equipment followed by detailed descriptions 
of the more complicated equipment with references to Appendix I where the full sample 
calculation can be found. For a complete equipment cost summary, see Table 8 at the end of this 
section.   
 
Compressor Costing 
For adjusting the system pressure of gas streams, rotary screw compressors were used because this 
type of compression device is more durable, is safer to operate, and is easier to maintain [30]. The 
simplest costing correlation for rotary screw compressors was found on matches.com which has a 
database of costing correlations for a wide range of chemical plant equipment. While 
acknowledged as a “black-box” method for costing estimation, the website recommends using this 
JavaScript correlation for a project’s “early development and budgeting” [31]. This particular 
correlation requires a range of 5 to 450 horsepower for the compressor power and simply uses the 
compressor power to estimate the purchased cost in 2014 as follows. The following example is 
taken from the compressor used to increase the feed pressure of the air into the membrane section. 
 

#J+*;	ℎ# = 44	:2 9
1.34	ℎw
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x⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯z 	$53,700	*f	2014 

 
Please also note that for costing the storage vessels, the same website was used based on the 
pressure vessel size. For detailed sizing calculations for the storage vessels see Appendix I.  
 
To convert the cost of the rotary screw compressors in 2014 dollars to 2020 dollars, the chemical 
plant cost indexes for each year were used. The values for 2010 and October of 2019 (used as 
estimate for 2020) were found on www.chemengonline.com/pci [17]. The final cost in 2020 dollars 
is the estimate for the compressor in a single module. 
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QB,'R'R = ($53,700) 9
599.5
576.1< = $55,900	*f	2020 

 
 
Heat Exchanger Costing 
 
Throughout the ammonia production process, temperature changes were required at various points 
to ensure the optimal temperature was being used for a given unit operation. To remain consistent, 
the following purchased cost correlation from Chemical Engineering Design from Towler and 
Sinnott was used for all heat exchangers where “a”, “b”, and “n” are all constants unique to the 
piece of equipment while “S” is the characteristic size parameter unique to that piece of equipment 
[22]. Note that this correlation predicts the cost for the piece of equipment in 2010 and will need 
to be adjusted for a current estimate. The following example comes from the purchased cost 
estimation for the 5.6 m2 heat exchanger used in the membrane section. We acknowledge that 
some of the smaller heat exchangers fell out of the range given by Towler and Sinnott and we are 
unsure how this will affect the accuracy of the calculation, but decided that the correlation would 
be used as a preliminary estimate in order to remain consistent. 
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QB,'R&R = 1900 + 2500(5.6	5')& = $15,900	*f	2010 
 
Although most heat exchangers used a double-pipe configuration, the flash drum employed a U-
tube shell and tube heat exchanger which uses the same correlation though slightly different 
constants to calculate the cost of the heat exchanger. Please also note that the flash drum, used in 
the ammonia recovery process, also used this costing correlation using the constants for a vertical 
pressure vessel.  
 
To convert the cost of the heat exchangers in 2010 dollars to 2020 dollars, the chemical plant cost 
indexes for each year were used. The values for 2010 and October of 2019 (used as estimate for 
2020) were found on www.chemengonline.com/pci [17]. The final cost in 2020 dollars is the 
estimate for the heat exchanger in a single module. 
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QB,'R'R = ($15,900) 9
599.5
532.9< = $17,900	*f	2020 

 
 
Electrolysis Costing Summary 
 
It is difficult to find methods to estimate capital costs of electrolysis cells as this is a relatively new 
type of technology. A few costing methods exist, but there is not a well-known costing model for 
electrolysis cells that is as comprehensive as the models used for more common equipment (e.g. 
heat exchangers, compressors). In a review article on water electrolysis for hydrogen production, 
the authors agreed upon a linear cost model for electrolysis cells that produce less than 1,000 kg 
per day of hydrogen [6]. Several case studies were explored in the article, finding that a scale of 
$800 in capital expense (purchased cost) per kg of hydrogen produced per day was an appropriate, 
conservative estimate. The scale of the electrolysis cell is within the given range, as one cell 
produces 190 kg of hydrogen per day. Eleven cells are built in the same structure (per module) in 
this design, producing a total of 2,100 kg of hydrogen per day. This costing method is shown 
below, for a calculation for one 10 mtpd module. 
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This capital expense value is in 2005 reference dollars, so a CEPCI scaling calculation must be 
performed to obtain the appropriate expense for today’s economy. This scaling calculation is 
shown below. 
 

QB,'R'R = ($1.661	2005	ÑÅÖ) ∗
599.5	Q|#Q}'R'R
468.2	Q|#Q}'RR0

 

 
∴ QB,'R'R = $2.131 

 
More in-depth characterization of the electrolysis cell design, including sizing calculations, can be 
found in Appendix I. 
 
Membrane Costing Summary 
 
Because the selected membrane is still in a developmental stage and the recent research using 
porphyrin-based oxygen carrier membranes still requires further testing for large-scale production, 
predicting the cost for the material itself was a challenge, not to mention the added complexity the 
tube geometry requires. While the process engineering team is confident that membranes 
employing this technology will eventually hit the market for efficient air separation systems, the 
cost for purchasing the material in bulk at that time is an unknown until further research into the 
market is performed. Literature review yielded no consistent estimation for the cost of such a 
membrane, so the team decided to go a different route for a preliminary cost by acquiring a quote 
from Compressed Gas Technologies Inc. for a pressure-swing adsorption unit capable of 
accomplishing the desired flow rate and purity of nitrogen at the designated process conditions. 
The estimate they provided of $60,000 for a single module was considered a conservative estimate 
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for the cost of the membrane since the original motivation for choosing a membrane separation (as 
opposed to PSA) was the reduced capital investment that membrane alternatives often offer. 
Assuming the Pebax-2533 TFC w/ T(p-OCH3)PPCoCl membrane ultimately hits the market, a 
complete economic and market analysis can be performed in order to determine whether this trend 
of cheaper membrane options holds true. If after further review choosing the membrane option is 
not deemed financially viable, switching to a PSA would require further technical analysis, but we 
would already have a cost estimation for such a switch. 
 
 For a preliminary design estimate, we deemed this quote an acceptable starting cost range for the 
process, but there are several questions that still need to be answered. Such as how often will the 
membrane need to be replaced. While precautions are set in place to protect the membrane via the 
pre-filter and desiccant apparatus, wear-and-tear for such a thin material is likely to occur. This 
will require further research that is not currently obtainable for this specific membrane. Since this 
form of air separation is a novel approach, out plant may serve as a case study for such parameters 
of operation.  
 
Membrane material is often sold based according to its required mass, which was calculated to be 
502 g in Appendix I for a single module (thus about 2.5 kg for the entire plant). Note that this 
calculation is based on an estimated density of 1 T

I*!, since the actual density of the Pebax-2533 
with the active chemical was not found during literature review. This metric, whether volume or 
mass, could become useful once the membrane can be purchased and an active market exists for 
the product. A more thorough discussion on the consideration of intellectual property and the 
potential for paying royalties on the membrane is discussed in the Other Important Considerations 
section of this report.   
 
Reactor Costing Summary 
 
The ammonia synthesis reactor purchase cost was determined by comparing three different cost 
estimates. Two cost estimates came from Towler and Sinnott, and the third came from the Matches 
online cost correlations. The reactor was initially cost using the Towler and Sinnott correlation for 
a jacketed, agitated reactor, which gave a purchase cost of a single reactor at $332,000 in Oct. 
2019 dollars [22]. This cost would end up being relatively low, and the equipment described by 
the correlation is inaccurate because the reactor is not agitated. The correlation also fails to account 
for operating pressure. The reactor was then cost using the horizontal pressure vessel correlation 
from Towler and Sinnott so that internal pressure was considered. This proved to be far too high 
of an estimate at $2,620,000 for a single reactor in Oct. 2019 dollars. Finally, a cost correlation 
from Matches online cost correlations for a jacketed, non-agitated reactor that was dependent on 
internal pressure was used to cost a single reactor at $488,000 in Oct. 2019 dollars. This gave a 
middle price point, and the equipment description and pressure dependence made this estimate 
seem the most accurate. A detailed discussion of these calculations and decisions can be found in 
the reactor costing section of Appendix I. 
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Extraneous Equipment Costing (10% of Total Capital Cost) 
 
For minor/supplementary equipment and other cost considerations in addition to the major 
components of the process, it was decided that for a preliminary estimate to include an additional 
10% of the total purchased costs of all other equipment [17]. This value was determined to be just 
over $600,000 which was considered a reasonable estimate for the following extraneous costs. 
Such equipment included the pump used in the membrane section, a scrubber for removing the 
small amount of ammonia from the purge stream, and a small incinerator to dispose of this waste 
ammonia stream. This incinerator will use a high current ignition source in order to ensure the 
process remains carbon neutral as outlined in the explanation of our goals. Alternative solutions 
for dealing with the waste ammonia stream (as discussed in the Process Safety Consideration 
section) may replace the incinerator in updated versions of the design. Another potentially 
significant cost that fell into this category was the cost of the ruthenium-based catalyst in the 
reactor. The mass of catalyst required was calculated in Appendix I to be 2365 kg. A quote from 
a supplier may be the best approach moving forward for a more accurate cost of the catalyst. One 
final consideration included in this section of the costing was the potential for heat exchangers 
costing more than the correlations suggested due to high pressure conditions, and other precautions 
related to high pressure conditions. The reactor, flash drum, storage vessels, and all other major 
equipment was costed considering the pressure, though in some cases the design pressure was 
above the recommended range in the Towler and Sinnott correlation.  
To ensure safe operation, pressure relief valves and appropriate system control should also be 
evaluated and is assumed to fall into this category for cost estimation. 
 
Purchased Equipment Cost Summary 
 
Table 8: Capital cost summary table for a single module producing 10 metric tons per day.  

Unit Number Design Metric Cost Correlation Purchase Cost 
(USD) 

Electrolysis 
E-115 0.54 m2 Matches – double pipe, small $ 940 
H-110 

2,090 kg H2/day 
National Renewable Energy Lab 

(Ruth, 2009) 
$ 2,130,000 

  Total $ 2,131,000 
Membrane Section 

C-201 44.1 kW Matches – screw compressor $ 55,900 
E-201 

5.6 m2 
Towler & Sinnott 
Double-pipe, CS 

$ 17,800 

M-201 300 g 
3 m2 

Quote from Compressed Gas 
Technology Inc. 

$ 60,000 

  Total $133,700 
Ammonia Synthesis Loop 

C-301 129 kW Matches – screw compressor $ 119,800 
C-302 105 kW Matches – screw compressor $ 103,500 
C-303 95.9 kW Matches – screw compressor $ 97,200 
C-304 47.9 kW Matches – screw compressor $ 59,200 
C-305 20.6 kW Matches – screw compressor $ 32,600 



 46 

E-301 
3.57 m2 

Towler & Sinnott 
Double pipe, 304ss 

$ 12,200 

E-302 
8.37 m2 

Towler & Sinnott 
Double pipe, 304ss 

$ 25,700 

E-303 
0.62 m2 

Towler & Sinnott 
Double pipe, 304ss 

$ 3,900 

E-304 
0.50 m2 

Towler & Sinnott 
Double pipe, 304ss 

$ 3,500 

E-305 
0.21 m2 

Towler & Sinnott 
Double pipe, 304ss 

$ 2,700 

R-301 D = 2.1 m 
L = 4.1 m 

P = 1400 psig 
Matches – jacketed, non-agitated $488,000 

C-306 1,000 psi 
639 kW 

Matches – Centrifugal, 316ss $ 1,460,000 

E-306 
6.97 m2 

Towler & Sinnott 
Double pipe, 316ss 

$ 32,600 

E-307 
9.62 m2 

Towler & Sinnott 
Double pipe, 316ss 

$ 43,800 

E-308 
12.4 m2 

Towler & Sinnott 
Double pipe, 316ss 

$ 55,400 

E-309 
50.6 m2 

Towler & Sinnott 
U-Tube, 316ss 

$ 57,400 

S-301 
161 m2 

Towler & Sinnott 
U-tube Shell&Tube, 316ss 

$ 87,900 

S-301 
1,540 kg 

Towler & Sinnott 
Vertical Pressure Vessel, 316ss 

$ 97,500 

  Total $ 2,783,000 
Storage Vessels 

 23,500 lb Matches 
Column, no internals, medium 

$ 256,000 

 
23,500 lb 

Matches 
Column, no internals, medium $ 256,000 

 
23,500 lb 

Matches 
Column, no internals, medium $ 256,000 

 
23,500 lb 

Matches 
Column, no internals, medium $ 256,000 

  Total $ 1,024,000 
Miscellaneous 

 10% of total  $ 607,000 
  Total Purchase Cost $ 6,679,00 
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Fixed Capital Investment Summary 
 
The Lang Factor is used to approximate the installed cost of equipment. This is different than the 
purchase cost because the installed cost accounts for the additional costs associated with making 
the equipment fully operational. The Lang Factor was first introduced by Lang in 1948, and 
heuristics have been used to determine appropriate Lang Factors ever since the introduction. For 
this modular plant design, the Lang Factor requires careful consideration because the majority of 
heuristic knowledge applies to stick-built plants. The text by Towler and Sinnott discusses 
installation factors with a range for stick built, mixed fluid Lang Factors of 3.3 to 6.0 [22]. 
However, this is far greater than the Lang Factor of 1.7 used by Weber and Snowden-Swan for a 
modular plant design [32]. Unfortunately, this article was not fully accessible, and a thorough 
analysis of a Lang Factor for a modular plant could not be investigated. Therefore, a Lang Factor 
of 1.7 will be used here. An analysis of the Lang Factor’s effect on the ammonia sales price will 
be performed in the Economic Analysis section. This sensitivity analysis will allow for a 
discussion of the how important the Lang Factor is to the plant’s success. 
 
Using the Lang Factor of 1.7 results in the first-of-a-kind (FOAK) module installed cost of $11.4 
million. As discussed in the project memo, the learning rate for modular manufacturing will be 
approximated at 20%. This means the module cost reduces by 20% every time the production 
quantity doubles. The cost of the nth module will be calculated with the following equation. 
 

:@ = :&fUVW" ; 
 
Where :@ is the cost of the nth module, :& is the FOAK cost, f is the module number, and w is 0.8 
which represents the learning rate of the modular production. The table below shows the cost of 
each module of the five modules used in this design.  
 
Table 9:  Cost of all five, 10 mt/day modules at a learning rate of a 20%. This means the module 
production cost decreases by 20% every time the number of modules produced doubles. As mentioned, 
the Lang factor used was 1.7 to convert the purchased cost into an installation cost prediction. 

 Installed Cost (USD) 
FOAK (ZX) $ 11,400,000 
Module # (n)  

1 $ 11,400,000 
2 $ 9,080,000 
3 $ 7,970,000  
4 $ 7,270,000  
5 $ 6,760,000  

Total Installed Cost $ 42,400,000 
 
Table 9 shows that the total installed cost of the five-module plant with a 50 mt/day capacity is 
$42.4 million. An analysis and discussion of adjusting the module size and number of modules 
used to meet the 50 mt/day capacity can be found in the Economic Analysis section.  
 
A discussion of the plant construction and installation timeline can now be done since the total 
installed cost has been approximated. The project memo discusses a six-month waiting period that 
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must be allocated for the permit acceptance process. For the purposes of this preliminary design, 
a conservative approach will be taken for the timeline, so no investment or construction will 
happen until after the permit process is complete. The project memo also mentions a 30-34 month 
construction and installation period for a modular plant, compared to 36-40 months for a stick built 
plant. It is assumed that the plant construction and assembly period will be assumed to take 30 
months, which sets the total permitting, construction, and installation period at 36 months.  
 
The 36 month timeline described above can be broken into six-month periods to give a general 
timeline for plant construction and installation. The modular construction has the benefits of 
beginning operation once a single module is installed. Therefore, construction and installation 
should focus on one module at a time. A rough approximation of six-months per module can be 
used to lay out a preliminary timeline. However, module construction can begin off-site on its own 
timeline, but installation will follow general schedule laid out below. It is likely that the first 
module installation will take more than six-months, but the subsequent modules will likely be 
installed more quickly. This is likely similar to the learning curve applied to the module installation 
cost above. The six-month installation period given to each module is likely inaccurate, but this 
inaccurate should balance out over the full construction and installation period. A preliminary 
construction and installation timeline is shown in the table below.  
 
Table 10: Construction and installation timeline for the five module, 50 mt/day ammonia plant. No 
investment or construction will begin until permits are obtained. Production can begin in each module 
once installation is complete. It is likely that the FOAK module will take longer to install than subsequent 
modules. For simplicity, the timeline will show each module installation over the same time allotment for 
each. 

Time Period 
(months) 

Task or Construction/Installation 
Completed 

Total Amount Invested 
(USD) 

0 – 6 
Environment and building permits 
applied for at month zero. Six-months 
allotted for permit approval. 

$ 0 

6 – 12 
First-of-a-kind module is constructed 
and installed. Can begin operation at 10 
mt/day at the end of month 12. 

$ 11,400,000 

12 – 18 
Second module is constructed and 
installed. Can begin operation at 20 
mt/day at the end of month 18. 

$ 20,500,000 

18 – 24 
Third module is constructed and 
installed. Can begin operation at 30 
mt/day at the end of month 24. 

$ 28,500,000 

24 – 30 
Fourth module is constructed and 
installed. Can begin operation at 40 
mt/day at the end of month 30. 

$ 35,700,000 

30 - 36 
Fifth module is constructed and installed. 
Can begin operation at 50 mt/day at the 
end of month 36. 

$ 42,400,000 
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Manufacturing/Operating Costs 
 
The manufacturing/operating costs for the ammonia plant are made up of five different factors – 
utilities, operating labor, labor related costs, capital related costs, and sales related costs. Minimal 
raw materials are required at the plant, and those costs have been lumped into a miscellaneous 
utility cost. It is also being assumed that sufficient capital is available to construct the plant, and 
no interest will have to be paid. However, interest payments would significantly increase operating 
costs, and interest will need to be factored in if sufficient capital is not available. 
 
The utilities included in this project are cooling water, refrigerated water, deionized water, steam, 
electricity, and low temperature coolant. Unit cost ranges for cooling water, refrigerated water, 
and deionized water were estimated as $(6.7 – 20)/1000 m3, $8.30/GJ, and $(1.0 – 1.2)/ 1000 kg, 
respectively [17]. These estimates were provided for a similar project, and they provide relatively 
wide ranges and conservative estimates for the related operating costs. The high unit cost for each 
range was used to ensure an overall conservative estimate. Steam was both used and produced at 
550 kPa and 155 °C. Similar to the process water costs, steam costs were assumed to be $20/1000 
kg, and the same rate was applied as credit for steam produced by waste heat [17]. Electricity was 
priced with a range of values found for recent wind energy costs. A range of $(11 – 45)/MW-hr 
was used, with a baseline estimate of $20/MW-hr [33], [34]. Electricity was a dominant factor in 
the analysis for operating costs, so the price was adjusted within this range when performing 
sensitivity analyses. The low temperature coolant used to cool and condense the reactor products 
was priced at a rate of $13.11/GJ [21]. The price for the coolant was accepted as reasonable, as it 
is roughly 60% more expensive than the rate for refrigerated water. A miscellaneous utility cost of 
$0.03/kg NH3 produced was included to account for minor raw materials and unaccounted utilities 
such as KOH for the electrolysis cells, H2SO4 for the ammonia scrubber, and other utilities [17]. 
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Table 11: Summary of all utility requirements for a single, 10 metric ton per day ammonia production 
module. Yearly costs given here are based on the high estimate of each utility’s unit cost range except for 
electricity, which is cost at $20/MW-h. 

Utility Unit Number Unit Type Amount Cost 
(USD/yr) 

Cooling Water     
 E-115 Heat Exchanger 0.81 m3/hr $ 125 

Deionized Water     
 E-304, E-305 Heat Exchangers 38.0 kg/hr $ 350 
 E-301, E-302, 

E-303 
Heat Exchangers 314 kg/hr $ 2,900 

 R-301 Reactor Jacket 535 kg/hr $ 4,950 
 E-307, E-308 Heat Exchanger 356 kg/hr $ 3,290 

Electricity     
 C-110 Electrolysis Cell 4880 kW $ 752,000 
 C-201 Compressor 44 kW $ 6,800 
 C-301 Compressor 130 kW $ 20,000 
 C-302 Compressor 105 kW $ 16,200 
 C-303 Compressor 96 kW $ 14,800 
 C-304 Compressor 

48 kW $ 7,400 

 C-305 Compressor 21 kW $3,200 
 C-306 Compressor 639 kW $ 98,500 

Refrigerated Water     
 E-201 Heat Exchanger 146 MJ/hr $ 9,360 

Refrigerant     
 E-309 Heat Exchanger 1,660 MJ/hr $ 191,000 
 S-301 Heat Exchanger 768 MJ/hr $ 88,300 

Steam (and credit)     
 E-115 Heat Exchanger 74 kg/hr $ 11,400 
 E-304, E-305 Heat Exchangers 38.0 kg/hr -$ 48,400 
 E-301, E-302, 

E-303 
Heat Exchangers 314 kg/hr -$ 5,840 

 R-301 Reactor Jacket 535 kg/hr -$ 82,400 
 E-307, E-308 Pre-Chillers 356 kg/hr -$ 54,800 

Misc.     
   10,000 kg 

NH3/day 
$ 120,000 

   Single Module 
Utility Cost 

$ 1,160,000 

 
The required operating labor is traditionally determined by the different equipment in use at the 
plant. However, these estimates are for stick built plants operating at production levels much 
higher than 50 mt/day. Therefore, some adjustments were made to the traditional operator 
estimates. Five modules that each produce 10 mt/day will be used at the plant, but each module 
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should not require the traditional number of operators as a high production, stick build plant. The 
number of operators for a single module based on traditional operator requirements is shown in 
the table below. The operator requirement for the five-module plant will be assessed after this 
calculation. 
 
Table 12: Determination of the number of operators needed per module (10 mt/day) based on traditional 
operator requirements for a stick built plant. The traditional operators per unit per shift recommendation 
comes from [17]. 

Equipment Type 
Number of Units 

per Module 

Traditional 
Operators per Unit 

per Shift 

Number of 
Operators 

Separators 1 0.5 0.5 
Reactors 1 0.5 0.5 
Heat Exchangers 11 0.1 1.1 
Blowers/Compressors 7 0.2 1.4 
Cooling Tower 1 1 1 
Separators 1 0.5 0.5 
  Total Operators per 

Shift per Module 
5 

 
The traditional determination of operators per unit gave five operators required per module per 
shift. This would mean 25 operators are required per shift to run the plant. Unfortunately, this way 
of determining the number of operators required is independent of production capacity, and 25 
operators per shift is an extremely high number for a small plant producing 50 mt/day. Instead, the 
an approximation of two operators per module per shift will be used. This gives 10 operators per 
shift for the entire plant. The next section shows how inaccuracies of this approximation could 
affect the operating costs of the plant. 
 
The plant will operate using four different operator shifts. Operators will work twelve-hour shifts, 
and there will be a day shift and a night. This means the day shift will work Monday through 
Thursday in the first week, followed by Monday through Wednesday in the second week. The 
other day shift will cover Thursday through Sunday in the first week, and Friday through Sunday 
in the second week. Two night shifts will alternate in this way as well.  
 
This means a total of 40 operators will be required on staff for normal operation. An operator 
average salary is estimated at $50,000 per year. This equates to $2,000,000 in operator salaries, 
which will be referred to as operating labor costs. Labor related costs are also estimated at an 
additional 60% of the operating labor costs, which accounts for health insurance, retirement, 
vacation, disability, payroll overhead, and supervisor labor costs [17]. 
 
The capital related costs portion of the operating cost is used to account for recurring costs in the 
form of maintenance, operating supplies, insurance, waste treatment, local taxes, and overhead. 
Plant depreciation is not considered in the capital related costs because it will be accounted for in 
the Net Present Value analysis in the following Economic Analysis section. The capital related 
operating cost estimate for this project will be taken as 15% of the installed cost of the plant. This 
is on the lower end of the general range because the equipment has a small footprint and production 
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capacity compared to stick-built plants, so a lower estimate for categories like maintenance is more 
appropriate [17]. The installed cost of the 50 mt/day ammonia plant was shown to be $42,400,000 
in the Fixed Capital Investment Summary. This will be used to determine the capital related 
operating costs. 
 
The sales related operating costs are used to account for reoccurring costs related to patents and 
royalties, packaging, distribution, marketing and sales, and administrative costs. This is where the 
membrane and electrolysis intellectual property is accounted. The sales related costs will be taken 
as 20% of the annual sales of ammonia. A summary of the five different operating cost 
considerations can be seen below.  
 
Table 13: Summary of the five different factors considered in the operating cost of the 50 mt/day 
modular ammonia plant. Yearly costs are given for the full, 50 mt/day ammonia production capacity. The 
installed cost of the plant is estimated at $42,400,000. Ten operators are required per shift. The annual 
sales are determined through a circular reference, and this calculation is shown after this table so the 
percentage is included here only. 

Operating Cost Factor Determination Yearly Cost (USD/yr) 
Utilities (U) Breakdown by utility time and 

equipment requirements. 
$ 5,800,000 

Operating Labor (OL) Baseline set at two operators per 
module; salary of $50,000/yr. 

$ 2,000,000 

Labor Related (LR) Set at 60% of the operating labor 
cost, $ 1,200,000 

Capital Related (CR) Set at 15% of the installed cost of the 
ammonia plant. $ 6,370,000 

Sales Related (S) Set at 20% of the annual sales 
generated from ammonia. 0.2 x annual sales 

 
With these operating costs determined, the annual sales requirement can be determined. A profit 
margin of 10% will be used for this calculation, and further analysis of the profit margin is 
performed in the Economic Analysis section. The annual sales requirement is determined through 
the following cyclic relationship. 
 

Å=@XV = (1 + #1)(Ñ + hr + ra + Qa + 0.2Å=@XV) 
 
Where #1 is the profit margin, Ñ is the annual utility cost, hr is the annual operating labor cost, 
ra is the annual labor related cost, and Qa is the annual capital related cost. 0.2Å=@XV represents 
the annual sales related cost. This equation can be solved for Å=@XV to determine the annual sales 
income. 
 

Å=@XV =
(1 + #1)(Ñ + hr + ra + Qa)

1 − 0.2(1 + #1)  

 

Å=@XV =
(1 + 0.1)($5.81 + $2.01 + $1.21 + $6.371)

1 − 0.2(1 + 0.1)  
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Å=@XV = $21,700,000/,$ 
 
This shows the annual sales income must be $21,700,000. This value can now be used to determine 
the sales price of the ammonia, which will help determine if the plant can produce and sell 
ammonia at a competitive price. The plant produces 50 mt/day, which is equivalent to 18,250 
metric tons of ammonia per year. The sales price per metric ton is determined as follows. 
 

Å=@XV	#$*(X =
Å=@XV

#$%&'()*%f 

 

Å=@XV	#$*(X =
$21,700,000/,$
18,250	5)	67%/,$

= $1,190/5)	67%	 

 
This means the plant would need to sell the ammonia at $1,190 per metric ton to break even and 
have a profit margin of 10%. The Independent Commodity Intelligence Service gave a price of 
ammonia from 2014 at approximately $500 per metric ton [35]. This price point is outdated, but 
more recent information from the University of Illinois shows the price point of ammonia remained 
relatively stable around $500/ton for 2018, equivalent to about $550/mt [36]. In contrast to this, 
liquid ammonia can be purchased for $1,100 to $2,220 per metric ton through Alibaba [37]. The 
low end of this final estimate is likely more accurate to the small-scale market that this plant will 
target. More discussion to the competitiveness of the plant will be given in a later section.  
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Economic Analysis 
 
Sales Price Sensitivity Study 
 
The units sales price calculated in the previous section is dependent on several key assumptions. 
The purpose of this section is to analyze the effects that an inaccurate assumption could have on 
the successfulness of this project. Here, project success is measured by the sales price per metric 
ton that would be required for the ammonia produced at the plant to achieve a profit margin of 
10%. This discussion is meant to be separate from a Net Present Value analysis, Internal Rate of 
Return analysis, and modularity analysis.  
 
The assumptions and decisions that were identified as critical to the success of the plant are the 
Lang Factor, capital related manufacturing costs, electricity costs, and labor related costs. Also, 
the profit margin was investigated to determine its effect on the sales price.  
 
The Lang Factor baseline was chosen to be 1.7, but this was based on minimally available 
information for modular plant Lang Factors. This Lang Factor was chosen because a paper by 
Weber and Snowden‐Swan used this value in their economic analysis of numbering up a chemical 
process [32]. However, this paper was not accessible, and other detailed discussions of the Lang 
Factor for modular plants were few and far between. Therefore, this sensitivity analysis looks at 
how different Lang Factor values would affect the operating costs of the plant. Lang Factors of 
0.85, 1.7, 3.4, and 5.1 were chosen for this analysis. For each Lang Factor, the installed cost of the 
plant was recalculated, which subsequently effected the yearly capital related costs which are taken 
as 15% of the plant installed cost.  
 
Electricity costs were found from several different sources, and their cost estimates spanned a wide 
range. Forbes reported high and low estimates for wind energy at $45/MWh and $11/MWh, 
respectively [31]. However, GreenTechMedia reported the national average for wind-derived 
energy at $20/MWh [34]. Lastly, lecture notes from Dr. AuYeung and Dr. Mallette reported a 
high-end electricity cost of $75/MWh [17]. The $20/MWh national average was chosen for the 
baseline, but electricity is the largest utility at 79% of the yearly utility cost when the baseline is 
used. The sale price sensitivity to electricity cost was analyzed to see the potential effects of the 
wide range of electricity costs, the potential for fluctuations in electricity cost, and the large portion 
of utility costs incurred by electricity.  
 
The labor related costs were analyzed due to the uncertainty of the number of operators required 
per shift. There is a well-established number of operators required for a traditional stick-built plant, 
which would typically have a much larger capacity than the 50 mt/day capacity of this modular 
plant design. However, the operator requirement is not well established for modular plant designs, 
therefore the number of operators required per shift is likely subject to some variability. A high 
estimate using the operator requirements for a stick-built plant requires 25 operators per shift. As 
discussed in the previous section, an estimate of 10 operators per shift will be used since the 
modular equipment is much smaller than a traditional plant – this gives two operators per module 
[17]. A low estimate of five operators per shift will also be considered in case the baseline is 
overestimated.  
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Lastly, profit margins of 5%, 10%, 20%, and 30% were used in this analysis with 10% being the 
baseline profit margin. This was done to show the sales price dependence on the profit margin.  
 
The results of the sensitivity analysis can be seen in Figure 4 below. A high end sales price of 
$1,500/mt was used to show where the sales price begins to reach uncompetitive levels. A 
discussion of current market sales price can be found in the Manufacturing/Operating Costs 
section. 

 
Figure 4: Sensitivity plot for the ammonia sales price to four different price factors – Lang Factor, 
electricity cost, labor costs, and the profit margin. The baseline is a Lang Factor of 1.7, electricity cost of 
$20/MWh, 10 operators per shift, and profit margin of 10%. The Lang Factor and profit margin were 
scaled by -50%, 0%, 100%, and 200% to Lang Factors of 0.85, 1.7 (baseline), 3.4, and 5.1 and to profit 
margins of 5%, 10% (baseline), 20%, and 30%. The sales price was calculated at 5, 10 (baseline), and 25 
operators per shift, which corresponds to -50%, 0%, and 150% changes in the number of operators per 
shift from the baseline. The sales price was also calculated at electricity costs of $11/MWh, $20/MWh 
(baseline), $45/MWh, and $75/MWh, which corresponds to -45%, 0%, 125%, and 275% changes in the 
electricity cost from the baseline.  
 
As seen in Figure 4 above, the Lang Factor is the biggest driver of the sales price. The Lang Factor 
determines the installed cost, which in turn determines the yearly capital related costs 
(maintenance, insurance, supplies, taxes, etc.). The capital related costs have been set at 15% of 
the total installed cost of the plant – a discussion of the capital related operating costs can be found 
in the Manufacturing/Operating Costs section. Unfortunately, there is little heuristic knowledge 
available for Lang Factors of modular plants, which makes it difficult to be certain that the baseline 
of 1.7 is accurate. What the plot does show is that an increase in the Lang Factor of ~50% could 
lead to a sales price that is too high to be competitive. A 50% increase would raise the Lang Factor 
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to about 2.5, which is still well below the stick built Lang Factor of about 4 for mixed fluid, stick 
built plants [17], [22]. This must be considered more thoroughly before moving forward with this 
project. 
 
The next largest sales price driver for the plant is the cost of electricity. The cost of electricity 
varies by location, and the actual cost of electricity in the Minnesota River Valley should be 
investigated further. The Minnesota River Valley also has a high potential for wind energy 
generation [2]. However, it is unknown if that potential has been accessed. It is also unknown if 
the wind energy cost would fall near the national average. Based on the sensitivity analysis, the 
cost of electricity could increase to approximately $35/MWh before the sales price would become 
uncompetitive, which is $10/MWh below the high estimate given by Forbes [33]. This is 
concerning for the success of the plant because electricity costs can fluctuate, and there is not much 
room for upward adjustment from the national average [34]. 
 
The number of operators was found to have less effect on the sales price than the previous two 
price factors. The number of operators per shift could be doubled to 20 before the sales price would 
become uncompetitive. This price factor is also more stable than the previous two, as the number 
of operators per shift is unlikely to change during the lifetime of the plant. 20 operators of a 50 
mt/day plant is also extraordinarily high for the low capacity of the plant. This price factor should 
be of little concern compared to the others discussed earlier.  
 
The profit margin was found to have the lowest effect on the sales price, which has positive and 
negative attributes. The profit margin can be increased without the sales price changing 
significantly. However, this also means the profit margin cannot significantly reduce the sales 
price if other operating costs increase. This limits the ability of the sales price to be adjusted via 
the profit margin, which is one of the few independently adjustable factors in the sales price. Lack 
of adjustability in the sales price is a concern for the success of this project as well. 
 
This analysis considers each price factor individually, but the real plant will be affected by 
simultaneous changes in price factors. The profit margin can be adjusted to a certain extent to 
accommodate changes in operating costs, but the effects of the profit margin are limited. Further 
investigation should be done into the possible range of Lang Factors that could be seen and the 
subsequent capital related costs that will be attributed to the plant. The cost and variability of 
electricity of the Minnesota River Valley should also be investigated further. These two price 
factors will be important in the success of the plant. 
 
Net Present Value Analysis 
 
The net present value of the plant was determined over a 20-year lifetime. It was assumed that 
environmental and building permits would take six months to be obtained from the onset of the 
project. It was also assumed that construction and installation would not begin until the permits 
were obtained, and that it would take 30 months for the plant to become fully operational. For 
simplicity and a more conservative estimate, it was assumed that sales do not begin until the plant 
is fully assembled. It is likely that production could begin in individual modules once they are 
constructed. However, as will be seen at the end of this analysis, it is unlikely that accounting for 
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below capacity production during the construction phase will change the results of this analysis 
very much.  
 
The $42.4 million capital cost of the plant was spread evenly over the 30-month manufacture and 
assembly period. The annual gross profit is equal to the annual sales income less the total operating 
costs. Based on the $21.7 million annual sales income at a 10% profit margin (see 
Manufacturing/Operating Cost section), the annual gross profit is $1.97 million. A 20-year 
Modified Accelerated Cost Recovery System (MACRS) was used to account for depreciation, and 
the yearly depreciated value of the plant was used to determine the taxable profit. A corporate tax 
rate of 21% was used to determine how much was paid in taxes on the previous year’s taxable 
profit. Finally, the annual cash flow was determined from the gross profit minus the taxes, which 
allowed the net present value (NPV) of the plant to be determined [17]. The minimum acceptable 
rate of return of 8% was used as mentioned in the project memo. The following equation was used 
to calculate the NPV of the plant. 
 

6#p =á
Q!@

(1 + *)@
@

	

 
Where f is the number of years, * is the acceptable rate of return, and Q!@ is the cash flow in year 
f. A full breakdown of the NPV over the 20-year operating lifetime can be found in Appendix III. 
 
As seen in Appendix III, the net present value of the plant over the 20-year lifetime is -$21.2 
million, and the internal rate of return (IRR) was -0.7%. This means the project is very far from 
being a profitable endeavor. The negative IRR also shows that there is no time value of money that 
would make this project feasible in its current state.  
 
Some further analysis was done to determine what the sales price would need to be for the NPV 
to break even. Excel solver was used to determine that the annual gross profit would need to be 
$6.28 million for the NPV to be zero with a 10% rate of return. The 10% rate of return was used 
in order to see what it would take for the plant to be better than the minimum requirement of 8%. 
The gross profit of $6.28 million corresponds to a 30% profit margin, and a sales price of $1,480/mt 
of ammonia. This sales price falls near the middle of the ammonia price estimate of $1,000-
$2,000/mt from [37], but this is well above the price estimates of approximately $500/mt from 
[35] and [36]. 
 
Number of Modules Analysis 
 
The preliminary design was performed using five equally sized modules capable of producing 10 
metric tons per day. The following analysis was performed in order to determine whether 
increasing or decreasing the number of modules would decrease the overall cost of the plant. The 
six-tenths rule, below, was employed to scale the installed cost of the first year according to the 
production load for a single module.  
 

Q!BF = Q</:T:@9, à
Å!BF

Å</:T:@9,
â
R.(
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For this method, “C” represents the cost in USD and “S” represents the production load in metric 
tons per module. The first analysis performed was doubling the number of modules (therefore 
cutting the modular production in half from 10 mt to 5 mt). For the original cost, the FOAK capital 
cost for the five modular design of $11,353,780 was used.  
 

Q!BF = $11,353,780 9
5	5)
10	5)<

R.(

= $7,490,701 

 
The cost of the first module, as expected, is 35% less expensive, though when considering the cost 
of all the modules with a learning rate of 20%, the total cost for installing more, smaller modules 
is consistently higher. Table 14 below shows the analysis for various number of module options 
using the six-tenths rule to scale the cost. 
 
Table 14: Summary of the various number of module options. Three options for increasing the number of 
modules were considered, and, as a control, a study was done using a single, large module. 

Number of Modules Modular Production 
(mt) 

First-of-kind 
Installed Cost (USD) 

Total Installed 
Cost (USD) 

5 10 $11,353,780 $42,437,489 
10 5 $7,490,701 $47,306,572 
20 2.5 $4,942,020 $51,816,794 
50 1 $2,851,941 $57,385,931 
1 50 $29,821,018 $29,821,018 

 
Notice that while increasing the number of production modules causes an increase in total cost, 
using a single module actually decreases the cost, suggesting that modular design may not be a 
feasible option for this production plant. This is counter-intuitive because modular design for small 
chemical production plants should provide a decrease in total cost, with eventual diminishing 
returns once the number of modules increases [38]. According to this known trend seen in other 
production plants, the six-tenths rule scaling the installed cost according to the per module 
production may be an inadequate analysis. While the six-tenths rule is a common method for 
obtaining a rough estimate for a single piece of equipment, scaling up to an entire process likely 
makes this method an invalid approach. 
  
A more advanced approach may be required for a proper analysis of the effect of modular size 
such as a design structure matrix using hybrid multidimensional scaling and clustering [39], [40]. 
This method clusters various costs and scales them differently, rather than using a simple equation 
like the six-tenths rule. This degree of analysis is outside the scope of the preliminary design, 
though with a cost value for a five-module design, the process engineering team has established a 
reference point for future analysis. Due to the inclusivity of this study, the team recommends 
employing a more powerful analytical tool, such as the suggested clustered matrix method, to 
acquire a more legitimate estimate for the effect of the number of modules. 
 
Notice that while increasing the number of production modules causes an increase in total cost, 
using a single module actually decreases the cost, suggesting that modular design may not be a 
feasible option for this production plant. This is counter-intuitive because modular design for small 
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chemical production plants should provide a decrease in total cost, with eventual diminishing 
returns once the number of modules increases [38]. According to this known trend seen in other 
production plants, the six-tenths rule scaling the installed cost according to the per module 
production may be an inadequate analysis. While the six-tenths rule is a common method for 
obtaining a rough estimate for a single piece of equipment, scaling up to an entire process likely 
makes this method an invalid approach. 
 
A more advanced approach may be required for a proper analysis of the effect of modular size 
such as a design structure matrix using hybrid multidimensional scaling and clustering [41, 42]. 
This method clusters various costs and scales them differently, rather than using a simple equation 
like the six-tenths rule. This degree of analysis is outside the scope of the preliminary design, 
though with a cost value for a five-module design, the process engineering team has established a 
reference point for future analysis. Due to the inclusivity of this study, the team recommends 
employing a more powerful analytical tool, such as the suggested clustered matrix method, to 
acquire a more legitimate estimate for the effect of the number of modules.  
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Other Important Considerations 
 
There are a number of different aspects of the plant that could be considered that may reduce the 
capital cost and/or the operating costs. The capital cost is currently far too high for the plant to be 
successful. Several considerations are given below that could reduce the capital cost of the plant. 
 
Capital and Operational Cost Considerations 
 
A major capital cost factor in the plant is the use of 316 stainless steel in the ammonia synthesis 
loop and storage vessels. The Matches cost correlations accounted for this material directly in the 
correlations. However, the Towler and Sinnott correlations were mainly for carbon steel with some 
correlations for 304 stainless steel. Equipment costs determined through the Towler and Sinnott 
correlations for carbon steel were multiplied by 3x to obtain a cost in 316ss. Subsequently, 
correlations for 304ss were multiplied by 1.5x to obtain the cost in 316ss. These cost factor 
additions were justified through the relative cost of each type of material. However, the text by 
Towler and Sinnott describes on page 332 that the material cost factors relative to carbon steel are 
1.3 for both 304ss and 316ss. This means the carbon steel correlations should only be multiplied 
by 1.3 to obtain the cost in 316ss, and the 304ss correlations are directly applicable to 316ss. 
However, this contradicts the general consensus that 316ss is more expensive than 304ss, which 
is due to the presence of molybdenum in 316ss but not in 304ss [43]. Molybdenum is the reason 
why 316ss is more expensive than 304ss, so the material cost factor shown in the Towler and 
Sinnott text is concerning. A more detailed investigation into the cost of 316ss relative to carbon 
steel and 304ss should be performed to justify or change the 3x cost factor relative to carbon steel 
used here. This could lead to a significant change in the capital cost of the plant. 
 
The initial design of the ammonia synthesis loop used the lower temperature and pressure 
conditions reported by Brown et. al [15]. This reaction condition was chosen because the yield 
presented in [15] was closer to the typical single pass conversions presented in the summary article 
by Pattabathula [12]. The single pass conversion in the reactor means that a larger recycle stream 
is needed, but equipment does not have to handle as high of a temperature and pressure. It could 
be beneficial to the module capital or operating costs if the higher single pass conversion is used 
because the recycle stream can be reduced. However, it is unclear if the higher single pass 
conversion is actually achievable, and a redesign would be required to determine the capital and 
operating costs at the different reaction conditions. It is hard to tell how costs would balance 
between operating at lower flow rates but higher temperature and pressure. It is also hard to tell 
how equipment costs would change at higher temperature and pressure but lower material 
throughputs.  
 
The design velocity of the flash drum was lower than the minimum velocity as shown in Appendix 
I. The upper L:D ratio of 5 for an economical design was decided upon to increase the operating 
velocity in attempt to reach the minimum required velocity. However, the minimum velocity was 
never achieved which gives rise to two potential options: increase the L:D ratio until the 
operational velocity is greater than the minimum velocity or add a holding tank on top of the flash 
drum. The latter was chosen because an L:D ratio an order of magnitude higher than 5 was needed 
to achieve the minimum velocity, which would not be economical [21]. A holdup tank above the 
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flash drum would help increase the operational velocity while maintaining an economical L:D 
ratio. 
 
An additional consideration when building the plant is to break up some of the larger heat 
exchangers in the reactor section into smaller ones. This would decrease the large temperature 
differences in some of the heat exchangers. Large temperature differences could lead to a greater 
risk during operation if a system component were to fail. In the heat exchanger after the reactor 
with a hot process air stream that’s cooled with the cold recycle stream, hydraulic shock may occur 
if the hot process stream slows significantly in a process failure event. In addition to that, splitting 
up some of the larger heat exchangers that use refrigerant would decrease the stress on the systems 
if a smaller temperature difference between the heat transfer fluid and working fluid are used. 
 
The same idea of breaking up equipment into multiple pieces could be applied to reducing the 
power load required on the recycle compressor. The current design uses one compressor with a 
power load of 639 kW, whereas the other compressors in the module rarely need above 100 kW. 
Using several, smaller compressors may allow for a less expensive compressor type and lower 
overall energy requirement to perform the same compression.  
 
Intellectual Property Costs 
 
Intellectual property is a concern for the two separation sections of the process: both the 
electrolysis section and membrane section of the plant. For designing the electrolysis section, ideas 
from textbooks and scientific journals were used, and properly cited, in the design, though the final 
design is unique in structure and composition [3, 5, 4, 6]. The electrolysis cell design was not 
heavily dependent on any source, hopefully leading to minimal intellectual property issues.  
  
Alternatively, the membrane section relied heavily on the research Jiuli Han and her research team 
of the Chinese Academy of Sciences has conducted  on  T(p-OCH3)PPCoCl as a porphyrin-based 
oxygen carrier within a TFC membranes [8]. This study concludes that this method of separating 
oxygen and nitrogen can be effective, though its scalability is still in question. Regardless of the 
timeline for developing a refined product, purchasing a membrane using this novel technology 
(whether using the active carrier in this design or another option) will require the payment of 
royalties. Since the concern for intellectual property issues was greater for this section, costing for 
the membrane was based off a PSA alternative in order to evaluate whether the membrane, once 
purchasable, is a viable option economically. If the cost of the membrane is too high with the added 
concerns of IP issues, the savvy option may be to switch to a PSA based separation. 
  
In anticipation of IP expenses, a 20% factor was added onto the total amount of sales, as an 
additional manufacturing cost to account for potential royalties and patents related to these two 
sections (see Manufacturing/Operating Costs). This factor has been added to account for the 
uncertain amount of intellectual property charges, and to make the manufacturing cost model more 
conservative.  
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Conclusions and Recommendations 
 
The primary objective of this project was to generate a preliminary design for a 50 metric ton per 
day modular ammonia plant. The secondary goal of this preliminary design was to produce 
anhydrous ammonia without carbon emissions. Both of these goals were achieved in the design. 
The modular design took the form of five, 10 metric ton per day ammonia synthesis modules. The 
carbon emission-free design used water electrolysis to produce the high purity hydrogen feed stock 
and a membrane to form the high purity nitrogen feedstock from air. A traditional, high 
temperature and pressure Haber-Bosch synthesis loop was used with a modern ruthenium-based 
catalyst to form ammonia more efficiently. The ruthenium-based catalyst allowed for higher 
conversion at lower temperature and pressure compared to the original Haber-Bosch catalyst. The 
design then uses a condensation system and a flash drum to separate the ammonia before being 
stored at 200 psia.  
 
The total installed cost of the plant was found to $42.4 million when a Lang Factor of 1.7 is used 
for the modular design. The operating costs for the plant were determined, and a price point of 
$1,190 per metric ton of ammonia is required to achieve a profit margin of 10%. A wide range of 
anhydrous ammonia price points were found, and more market analysis is required to determine a 
competitive price for the Minnesota River Valley area due to the geographical price variations of 
the product. The market analysis should consider the reduced shipping costs based on the point-
of-us design used here. A sensitivity analysis was performed to analyze the price point’s 
dependence on several factors with high uncertainty or high variability. The sensitivity analysis 
found that the price point is most dependent on the Lang Factor followed by the cost of electricity. 
The next most important factor analyzed was the number of operators required per shift followed 
by the profit margin.  
 
The net present value (NPV) analysis of this preliminary design gave very concerning results. The 
gross annual profit at a profit margin of 10% was found to be $1.97 million. A 20-year MACRS 
depreciation was used along with a minimum acceptable rate of return of 8% in the NPV analysis. 
The net present value of this preliminary design was found to be -$21.2 million with an internal 
rate of return at -0.7%. This means the plant would be extremely unsuccessful in its current state, 
and significant design changes need to be made in order to reduce the current capital cost and 
increase the cash flow. 
 
Since a competitive price point for ammonia in the Minnesota River Valley area is currently 
uncertain, some calculations were done to determine what price point would be required to make 
the plant successful in its current state. If ammonia can be sold at $1,480 per metric ton—which 
corresponds to a 30% profit margin—then the plant will have a high enough cash flow to break 
even after the 20-years of operation with a higher than required rate of return at 10%. However, 
this price point is likely uncompetitive for the Minnesota River Valley area based on U.S.-wide 
ammonia prices. It is important to remember that these price point calculations are highly 
dependent on the Lang Factor and cost of electricity as described in the sensitivity analysis.  
 
A comparison to the current ammonia industry further confirms the two issues with this 
preliminary design. Giddey et. al. reports energy consumption in current ammonia production at 
about 38 GJ/mt when using natural gas reformation and about 48 GJ/mt when electrolysis is used 
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[44]. Pattabathula reports an efficiency as low as 28 GJ/mt [12]. In electricity alone, this 
preliminary design uses 45 GJ/mt, but this value does not account for the energy used to heat and 
cool process streams. This would increase the energy used per metric ton by 10-20 GJ/mt, which 
is higher than the current electrolysis average. A presentation by Linde showed that ammonia 
production plants can be built for $600k-$700k per metric ton per day capacity, and the per mtpd 
cost decreases with increasing capacity [45]. This means the 50 metric ton per day design should 
cost $30-$35 million without considering the cost reduction with increased capacity. This is 
significantly less than our preliminary cost of $42.4 million. This discrepancy means that certain 
costs were overestimated in the design process or that the design needs significant reductions in 
capital costs and energy consumption to meet current ammonia production capabilities.  
 
Future work should begin with a market search to determine competitive price points for the 
Minnesota River Valley area. Subsequent work should be guided by the Other Important 
Considerations section. This preliminary design lays the groundwork for a modular ammonia 
production facility that is free of carbon emissions, but significant work is needed to ensure that 
the design profitable. 
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Appendix I – Equipment Sizing and Costing Calculations 
 
General Equipment Used for All Sections 
 
Compressor Sizing/Costing Calculations 
 
The actual sizes of the compressors were never calculated as the costing correlation used to 
determine the cost was based only on the power load. For a detailed energy balance used to 
determine the power load for a desired pressure change, and subsequent temperature change, see 
the Energy Balance section. Because compressors are acknowledged as a common piece of 
equipment seen in multiple section of the process, for costing, see the Equipment Cost Summary 
section for a detailed explanation of costing using matches.com.   
 
Heat Exchanger Sizing Calculations 
 
The following example for determining the heat exchange area comes from the heat exchanger 
used to preheat the air entering the membrane section. In order to determine the heat exchange 
area, the delta temperature log mean must be determined using the differences in temperature at 
either end of the co-current heat exchanger. The delta at the entrance for both fluids is ∆S& while 
the delta for the exit is denoted as ∆S'. 
 

∆S,* =
∆S& − ∆S'
@f F∆S&∆S'

G
 

 

∆S,* =
(492	R − 278	R) − (291	R − 283	R)

@f 9(492	R − 278	R)(291	R − 283	R)<
= 62.85	R 

 
∴ 	∆S,* = 62.86	R = 62.85	℃	=f	XV)*5=)X&	=+X$=;X	)X5wX$=)'$X	&*YYX$Xf(X 

 
Finally, the heat exchanger design equation was used to determine the heat exchange area required. 

An estimated overall heat transfer coefficient (U) for a liquid and gas system of 418.4 
)K

*"∗./∗℃
 was 

used. Other heat exchangers in the process featured a liquid transferring heat to another liquid, 

such systems used an overall heat transfer coefficient of 2092 
)K

*"∗./∗℃
. For a complete list of heat 

exchanger areas, see the Energy Balance and Utility Section. 
 

O"8 	
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ℎ$ = 	Ñ

:P
5' ∗ ℎ$ ∗ ℃ ∗ q	5' ∗ ∆S,*	℃ 

 

146141.2	
:P
ℎ$ = 	418.4

:P
5' ∗ ℎ$ ∗ ℃ ∗ q	5' ∗ 62.85	℃ 
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q	5' =
146141.2	 :Pℎ$

418.4 :P
5' ∗ ℎ$ ∗ ℃ ∗ 62.85	℃

= 5.56	5' 

 
Because heat exchangers are acknowledged as a common piece of equipment seen in multiple 
sections of the process, for costing, see the Equipment Cost Summary section for a detailed 
explanation of costing heat exchangers using the Towler and Sinnott correlation method.  
 
 
Electrolysis Cell Sizing Calculations: Section 100 
 
The material balance around the electrolysis section is the starting point for the sizing calculations 
for this section. See the Process Flow Diagram and Material Balance section for detailed 
calculations. The material balance leads to a hydrogen production rate of 43 kmol/hr. Using 
reaction stoichiometry, this hydrogen value can be used to calculate the total current required 
across the electrodes for one module. See the calculation below. 
 

Reaction catalyzed at hydrogen electrode: 47'0 + 4X1 ↔ 27' + 4h71 
 

} = 43
:5%@	7'
ℎ$ ∗ 1000

5%@
:5%@ ∗

4	5%@	X1

2	5%@	7'
∗

1	Q
1.036 ∗ 1010	5%@	X1 ∗

1	ℎ$
3600	V 

 
∴ } = 2.31 ∗ 10(	q 

 
As explained in the Process Description for this section, it was assumed that the energy 
consumption in the electrolysis cell could be calculated with a rate of 5.0 kW-hr/Nm3 of hydrogen 
produced. This energy rate is known to be a conservative estimate for electrolysis cells operating 
at current densities of 0.5 – 1.0 A/cm2 [3]. Therefore, this mode of operation was assumed (0.5 
A/cm2) and used to calculate the required active electrode surface area. Also, the electrodes for the 
electrolysis cell were designed as pure nickel meshes, treated with a hot-dip-galvanization 
technique in molten zinc [4]. As explained in the Process Description, this technique leads to a 
ten-fold decreased geometric electrode surface area. See the surface area calculation below, which 
is based on the current calculated above, and the assumed value for current density. 
 

q =
2.31 ∗ 10(q
0.5	q/(5' ∗ 9

1	5
100	(5<

'

= 461	5' 

 
∴ qTB+*B>/:I = 5	5'  (after the factor of 10 reduction) 

 
With the geometric electrode area known, the dimensions of the electrolysis cell can now be 
calculated. The electrolysis system for one module was designed as a cube, with multiple 
electrolysis cells stacked side-by-side. A system of equations was set up so the width of all cells 
combined was equal to the length and height of one cell (creating a cube shape). Also constrained 
within the equations, the number of cells multiplied by the geometric area of one electrode is set 
equal to 5 m2. Only one side of each electrode is considered, as it has been observed that the 
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catalytic activity of the inner portion of the electrode (facing the other electrode) is much higher 
than that of the outer portion [5]. See below the system of equations, and their solution. The side 
lengths were rounded up from 2.15 m to 2.30 m to provide space for the electrodes at the edges of 
the tank, and to provide headspace above each electrode (making the cell taller than the electrodes 
themselves). 
 

Ç = , = ã  (dimensions of cube) 
 

Ç = f ∗ 0.2	5  (x = width, n = number of cells) 
 

f ∗ Ç' = 5	5'  (area of all electrodes) 
 

∴ Ç = 2.15	5, f = 11 
 

The methods for determining capital costs and operating costs for the electrolysis cell are shown 
and explained in the Electrolysis Costing Summary and Electrolysis Cell Energy Balance sections, 
respectively. 

 
Membrane: Section 200 
As previously discussed, an Excel solver function was used in conjunction with a material balance 
for the membrane to estimate a required surface area of membrane to achieve the desired 
separation. The process engineering team decided that a membrane in the shape of a tube (or pipe) 
would allow for consistent separation continuously operating, an efficient use of space, and a 
simple way to dispose of the waste permeate stream (composed only of oxygen and nitrogen). The 
estimated required surface area according to Excel and the material balance is 500 m2, but because 
of the membrane’s geometry, it was assumed that the specific surface area would increase by a 
factor of 100. Therefore, the membrane tube requires 5 m2 of internal surface area in order to 
accomplish the molar flows defined in Table 2. This internal surface area was used to determine 
the length of pipe needed. A small pipe diameter of 6 cm (close to 2”) was selected in order to 
ensure consistent diffusion which could be lost as the diameter increases due to inertial focusing. 
 

q: 	(5' = 50	5' 9
100	(5
1	5 <

'

= 500,000	(5' 

 

r;	(5 =
q: 	(5'

($	(5) ∗ 2å =
500,000	(5'

(3	(5) ∗ 2å = 26,600	(5 

 

r;	5 = 26,600	(5 9
1	5

1000	(5< = 26.6	5 

 
∴ ç[ = éè. è	_ 

 
While costing for the membrane was based on a quote, if we are ultimately able to get access and 
purchase this particular membrane, it will likely be sold on the basis of total volume or mass. As 
a conservative estimate, a pipe length of 27 m will be used to determine the volume of membrane 
required when the thickness is 0.01 cm (0.0001 m). 
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p* 	= å($ + ))'r; − å($')r; 

 
p* = å(0.03	5 + 0.0001	5)'(26.6	5) − å(0.03	5)'(26.6	5) = 5.02 ∗ 101$	5% 

 

p*	(5% = 5.02 ∗ 101$5% 9
100	(5
1	5 <

%

= 502	(5% 

 
∴ ê3 = ëíé	ì_\ 

 
Although the density of the membrane used in this system was not found during literature review, 
most membranes have a density close to 1 ]

^_3. 
 

5* = (p	(5%) Fî	
;
(5%G = (502	(5%) F1

;
(5%G = 502	; 

 
∴ _3 = ëíé	^ 

 
 
No calculations were performed to determine the size of the pretreatment system which includes 
a filtration system and desiccant. It was assumed that a simple, in-line apparatus could be installed 
and replaced as needed without a significant effect on price. For sizing the heat exchanger and 
compressor that precede the membrane section, see General Equipment Used for all Sections, 
above.  
 
Ammonia Synthesis Reactor Sizing Calculations 
 
A thorough literature review lead to a reactor kinetics used in the sizing and design of the ammonia 
synthesis reactor – see Process Description section [15], [14]. The final catalyst choice was the 
promoted ruthenium based catalyst. Reaction conditions were chosen to be 86 bar and 380 oC, 
which gave a 26% yield in the article from Brown and others [15]. A more conservative single-
pass conversion of 20% was used in the final design parameters, and a hydrogen to nitrogen ratio 
of 3:1 (stoichiometric) was used as well based on Pattabathula [12]. An appropriate reaction rate 

for the promoted ruthenium catalyst was determined to be 9.5**+,	!"!
T&'(∗./

 from the article by Lin et. 

al. [14]. A more in-depth discussion of these design choices is presented in the Process Description 
section. 
 
Based on the material balance and ammonia production requirements of 10 metric ton per day per 
module, the reactor must take on a 56.2 kmol/hr feed of nitrogen and a total of feed of 281 kmol/hr. 
The mass of catalyst required to achieve the 20% single pass conversion based on the reaction rate 
was determined from the following equation [17]: 
 

5I9> =
!!",'ï!"
$!"!
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Where 5I9> is the required mass of catalyst in the reactor, !!",' is the molar flow rate of nitrogen 
fed to the reactor, ï!" is the single pass conversion of nitrogen in the reactor, and $!"! is the rate 
of formation of ammonia in the presence of the catalyst. Inserting values gives the following result. 
 

5I9> =
F56.2 :5%@	6'ℎ$ G (0.20)

99.555%@	67%;I9> ∗ ℎ$
< F 1	:5%@	6'2	:5%@	67%

G 91000	;I9>1	:;I9>
< F 1	:5%@
10(55%@G

= 2,365	:;	%Y	(=)=@,V) 

 
An axial-radial reactor is typically used in ammonia synthesis to limit the pressure drop through 
the reactor [12]. Here, catalyst tubes will be used that allow the reactant feed to flow into the tubes 
and react on the catalyst before flowing radially out of the tubes and then out of the reactor. Many 
tubes will be used to keep the reactor footprint small. A size comparison will be shown here as 
well. The shell diameter of the multitube reactor design is determined with the following equations 
[17]. 
 

ÖH = &>=PBñ
f>=PB
Φ  

 
And, 
 

Φ =
å

2ò'√3
 

 
Where ÖH is the diameter of the reactor shell, Φ is the fraction of perforation, ò is the tube spacing 
coefficient, f>=PB is the number of tubes, and &>=PB is the diameter of one tube. The number of 
tubes was determined by first choosing a catalyst tube diameter of 10 cm. The catalyst bulk density 
was found to be approximately 850 kg/m3 based on the ruthenium on alumina catalyst sold by 
Vesta Chemicals [16]. The number of tubes needed to accommodate the mass of catalyst in the 
reactor was determined as follows. 
 

f>=PBH =
å&>=PB' r>=PB

4 îI9> 
 
Where r>=PB is the length of the catalyst tubes and îI9> is the density of the catalyst. A tube length 
of 2 m was chosen as an appropriate size for shipping and short tube length to more accurately 
represent an axial-radial catalytic reactor. Thus, the number of tubes is… 
 

f>=PBH =
å(0.10	5)'(2.0	5)

4 9850
:;
5%< = 178	)'WXV 

 
A tube spacing coefficient of 1.5 was chosen as the final parameter needed to size the reactor shell. 
This means the spacing between the center of each tube is 1.5&>=PB. The fraction of perforation 
was determined to be… 
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Φ =
å

2(1.5)'√3
= 0.403 

 
And the shell diameter was determined to be… 
 

ÖH = (0.10	5)ö
178
0.403 = 2.10	5 

 
The total length of the reactor was determine by assuming the ends were hemispherical, and one 
shell diameter length was added to the tube length to determine the total reactor length, L. 
 

r = r>=PB + ÖH 
 

r = 2.00	5 + 2.10	5 = 4.10	5 
 
The total volume of the reactor can now be determined as a cylinder the length of the tube section 
with two hemispherical ends. The hemispherical ends combine to be the volume of a sphere of 
diameter ÖH. 
 

p/B9I>+/ =
åÖH'r>=PB

4 +
4å FÖH2 G

%

3  

 

p/B9I>+/ =
å(2.10	5)'(2.00	5)

4 +
4å(1.05	5)%

3 = 11.8	5% 

 
This reactor would then be jacketed to remove the heat of reaction during normal operation.  
 
A reactor size calculation was also performed to show the difference in reactor footprint if a single 
catalyst-filled tube were used in an axial-radial reactor. Using the same bulk density and required 
mass of catalyst, the total volume of catalyst required is… 
 

pI9> =
5I9>

îI9>
 

 

pI9> =
2365	:;I9>

850 :;I9>5I9>
%

= 2.78	5I9>
%  

 
The same 2.00 m catalyst bed length will be used, so the single catalyst bed diameter would then 
be… 
 

ÖPB` = 9
4pI9>
årPB`

<
R.0
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ÖPB` = à
4(2.78	5I9>

%

å(2.0	5) â
R.0

= 1.33	5 

 
From here, two different shell diameters were calculated to show the reactor volume dependence 
on the shell diameter. For a larger approximation, the shell diameter was chosen to be 2x times 
larger than the bed diameter, and for smaller approximation the shell diameter was chosen to be 
1.5x times larger than the bed diameter. This gave a large and small shell diameter of 2.66 m and 
2.00 m, respectively. Assuming the same hemispherical end design, the reactor volumes were 
determined as follows. 
 

p/B9I>+/ =
åÖH'r>=PB

4 +
4å FÖH2 G

%

3  

 

p/B9I>+/,,9/TB =
å(2.66	5)'(2.00	5)

4 +
4å(1.33	5)^3

3 = 21.0	5% 

 

p/B9I>+/,H*9,, =
å(2.00	5)'(2.00	5)

4 +
4å(1.00	5)^3

3 = 10.4	5% 

 
Ammonia Synthesis Reactor Costing Calculations 
 
Three different costing methods were used for the reactor. Ultimately, the Matches online cost 
correlation for a jacketed, non-agitated reactor was used because it was a middle ground between 
the two other cost correlation results [31]. The other two methods were both from correlation 
presented in the textbook by Towler and Sinnott [22].  
 
The first method from Towler and Sinnott was a cost correlation for a jacketed, agitated reactor, 
which was the closest similarity of the two reactor cost correlations presented in the text. The cost 
correlation is based on reactor volume with an applicable range of 0.5-100 m3 – which the reactor 
falls within. The purchase cost with this method was determined with the following calculation. 
 

QB,'R&R = = + WÅ@ 
 

QB,'R&R = 61,500 + 32,500(11.8	5%)R.a = $296,000 
 
The Towler and Sinnott cost correlations give purchase cost in 2010 dollars, so the purchase cost 
must be adjusted to 2019. The CEPCI for 2010 is 532.9 and the CEPCI for Oct. 2019 is 599.5 [17], 
[22]. Now the purchase cost can be adjusted to Oct. 2019 dollars. 
 

QB,'R&S = QB,'R&R
Q|#Q}'R&S
Q|#Q}'R&R

	 

 

QB,'R&S = ($296,000) 9
599.5
532.9< = $332,000 
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This cost method is inaccurate for this reactor because the cost correlation is not dependent on 
operating pressure or material of construction, and the correlation is for an agitated reactor when 
this reactor is not agitated. Next, the reactor was cost as a horizontal pressure vessel using the 
correlation in Towler and Sinnott. The correlations was for 304 ss, which was then converted to 
316 ss. 
 
The shell mass had to be determined first to use this cost correlation. Hoop stress and longitudinal 
stress calculations were performed to determine reactor shell thickness – see the pressure vessel 
calculations for an example of these calculations. An operating pressure of 1,210 psi and design 
pressure of 1,410 psi gave a required thickness of 15.5 cm thick 316 ss. This gave a total shell 
mass of 17,000 kg, which allowed for the following cost calculation to be performed which has an 
applicable range of 120-50,000 kg of 304 ss [22]. 
 

QB,'R&R = = + WÅ@ 
 

QB,'R&R = 12,800 + 240(17,000	:;)R.S = $1,550,000 
 
Next, this value must be converted to 316 ss by multiplying the 304 ss cost by 1.5, and then the 
value must be converted to Oct. 2019 dollars. 
 

QB,'R&R,%&(HH = $2,330,000 
 

QB,'R&S,%&(HH = ($2,330,000) 9
599.5
532.9< = $2,620,000 

 
This cost seems extremely high, and the correlation likely includes considerations specific to 
pressure vessels rather than reactors. This lead to the Matches online cost correlations for jacketed, 
non-agitated reactors [31]. The material of construction could be chosen as 316 ss in this 
correlation, and the cost is dependent of reactor pressure. The design pressure of 1,410 psi could 
not be selected, but costs for internal pressures of 300 psi, 600 psi, and 900 psi could be obtained. 
These values were then plotted to determine if the correlation was linear or not, and if the cost 
could be extrapolated to the design pressure.  
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Figure 5: Cost of an jacketed, non-agitated reactor in 2014 dollars based on internal reactor pressure from 
Matches online cost correlations [31]. Reactor cost is for 316 ss, and the cost is shown in 1,000’s of 
dollars. The trendline had an R2 value of 1. 
 
The trendline for this cost data was perfectly linear with an R2 value of 1, which supports the 
viability of extrapolating this data the design pressure. However, this may be a sign that the cost 
correlation lacks some rigor. An equation for the line of fit to this data was determined and used 
to calculate the cost at the design pressure of 1,410 psi. The Matches online cost correlations are 
in 2014 dollars when the CEPCI was 576.1 according to chemengonline.com [17]. 
 

QB,'R&$ = 275# + 82,300 
 

QB,'R&$ = 275(1,410	wV*) + 82,300 = $469,000 
 

QB,'R&S = ($469,000) 9
599.5
576.1< = $488,000 

 
The purchase cost of the reactor was chosen to be this value, $488,000, because the Matches online 
cost correlation equipment description most closely matches the reactor being described here. This 
value also seemed to be a balance between the low value given by the Towler and Sinnott reactor 
correlation and the extremely high value of the horizontal pressure vessel correlation also from 
Towler and Sinnott [22]. 
 
 
 

$150

$250

$350

200 400 600 800 1000

Ja
ck

et
te

d 
Re

ac
to

r C
os

t i
n 

1,
00

0'
s o

f 
20

14
 D

ol
la

rs

Design Pressure (psi)



 77 

Flash Drum Sizing and Costing 
 
The flash drum was designed to produce the specified 99.5 weight percent minimum ammonia 
production rate of 50,000 metric tons. The flash drum was sized to hold 30 minutes of inlet volume 
()H>+/9TB) to ensure safe operation [21]. The Aspen HYSYS simulation provided the inlet 
volumetric flow basis of 8.2 sm3/hr (ṗb,9H.	c/=*	?@,B>).  
 

pb,9H.	c/=* = ṗb,9H.	c/=*	?@,B>)H>+/9TB 
 

pb,9H.	c/=* = 8.2
V5%

ℎ$ ∗
30	min

60minhr 	
= 4.1	5% 

The diameter and length of the vessel were calculated from these specifications, along with an 
economical L:D ratio of 5:1 [21]. The Excel Solver software was used to solve the following 
system of equations. 
 

pb,9H.	c/=* = å 9
Öb,9H.	c/=*

2 <
'

rb,9H.	c/=* 

 
rb,9H.	c/=* = 5Öb,9H.	c/=* 

 
∴ rb,9H.	c/=* = 5.1	5, Öb,9H.	c/=* = 1.0	5 

 
For costing of the flash drum, please see the correlation in the next section below used for costing 
the storage vessel. The material of construction was assumed to be stainless steel 316L and the 
welding efficiency was assumed to be 80%.  
 
The cross sectional area was calculated based upon the L:D ratio of 5, but additional calculations 
were performed to ensure that the operating velocity is between the minimum and maximum 
allowable velocity. The correlations are based upon the density of the vapor and liquid phases and 
an empirical factor—k—which is based upon whether the system has a mesh pad or not [21]. The 
system was assumed to not have a mesh pad because it would generate a large pressure drop, which 
means that the k value was 576 m/hr. The density of each phase was obtained from an Aspen 
HYSYS simulation of the system (Appendix II). 
 

+*9L = :öà
îd:N=:` − îM9;+/

îM9;+/
â	 

 

+*9L = 576
5
ℎ$°

673 :;5% − 6.35
:;
5%

6.35 :;5%

1ℎ$
3600V 

 

+*9L = 1.6
5
V  
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The minimum and design velocity are about 10% and 75% of the maximum velocity [21]. The 
cross sectional area and volumetric fluid flow rate provided from previous calculations and Aspen 
HYSYS were used to calculate the velocity going through the system designed with an L:D of 5. 

+*:@ = 0.1+*9L 
 

+`BH:T@ = 0.75+*9L 
 

+d:cf0 =
ṗb,9H.	c/=*

å FÖb,9H.	c/=*2 G
' 

 

+*:@ = 0.1 F1.6
5
V G = 0.16

5
V  

 

+`BH:T@ = 0.75 F1.6
5
V G = 1.23

5
V  

 

+d:cf0 =
8.155

%

ℎ$

å F1.052 G
' = 0.003

5
V  

Since the velocity at an L:D of 5 is less than the minimum required velocity, a holding tank on the 
top of the flash drum should be used to maintain an economical and safe L:D ratio [21]. 
 
Storage Vessel Sizing Calculations 
 
As discussed in the Process Description for Ammonia Storage Vessels, this section of the 10 mtpd 
modular plant was designed to contain 70 metric tons of ammonia, with 85% of the tank volume 
used for the product. The Maximum Allowable Working Pressure was specified at 250 psig, 
leading to a safe design pressure of 275 psig. Grade 316 stainless steel was defined as the material 
of construction (its tensile strength is 20 ksi), a welding efficiency of 0.8 was assumed, and a 2.0 
mm corrosion buffer was used. The vessel size was defined as 2.5 m in diameter and 7.5 m in 
height, so each vessel could feasibly be transported via truck. 
 
The first step in sizing the storage vessels is determining the volume of liquid storage-space 
needed. Assuming a conservative (low) value for the density of ammonia, 578.8 kg/m3 (saturated 
liquid at 40 °C), the volume required for the ammonia product is calculated as follows. 
 

p,:N = 70000	:; ∗
1	5%

578.8	:; = 121	5% 

 
Next, we employ the 85% liquid storage space value to calculate the total contained volume. 
 

pI+@>9:@B` = (121	5%	@*i'*&) ∗ à
1	5%	)%)=@

0.85	5%	@*i'*&â = 142	5% 
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The vessel dimensions were already defined, so we can use these to determine how many vessels 
are needed to meet the volume requirement, as shown below. 
 

pMBHHB, = å ∗ 9
Ö
2<

'

∗ 7 = å ∗ (1.25	5)' ∗ 7.5	5 = 37	5% 

 

fMBHHB,H =
pI+@>9:@B`
pMBHHB,

=
142	5%

37	5% = 3.8 → 4	+XVVX@V	$Xi'*$X& 

 
Next, the pressure, diameter, tensile strength, and welding efficiency are used to calculate 
minimum wall thickness requirements based on hoop-stress and longitudinal-stress. 

 

7%%w	Å)$XVV	|i'=)*%f:		)F9,, =
#: ∗ Ö

2 ∗ Å ∗ | − 1.2 ∗ #:
 

 

r%f;*)'&*f=@	Å)$XVV	|i'=)*%f:		)F9,, =
#: ∗ Ö

4 ∗ Å ∗ | + 0.8 ∗ #:
 

 
oℎX$X, #: = *f)X$f=@	;=';X	w$XVV'$X, Ö = &*=5X)X$, Å = )XfV*@X	V)$Xf;)ℎ, 

 
=f&	| = oX@&*f;	XYY*(*Xf(, 

 
Plugging in values and accounting for corrosion safety factor… 
 

)F9,,,.++; =
(275	wV*) ∗ (2.5	5)

(2 ∗ 20000	wV* ∗ 0.8) − (1.2 ∗ 275	wV*) = 0.022	5 

 

)F9,,,,+@T:>=`:@9, =
(275	wV*) ∗ (2.5	5)

(4 ∗ 20000	wV* ∗ 0.8) + (0.8 ∗ 275	wV*) = 0.011	5 

 
∴ )F9,,,H9CB = 0.022	5 + 0.002	5 = 0.024	5 = 24	55 

 
With the wall thickness known, the shell volume and mass can be calculated as shown below. 
 

Å'$Y=(X	q$X=, q = 2 ∗ å ∗ 9
Ö
2<

'

+ å ∗ Ö ∗ 7 

 
∴ q = 69	5' 

 
pH.B,, = q ∗ )F9,,,H9CB = (69	5') ∗ (0.024	5) = 1.6	5% 

 
Now, plugging in the density of 316 stainless steel, the shell mass is calculated 
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5H.B,, = pH.B,, ∗ îH.B,, = 1.6	5% ∗
8030	:;
5% = 13100	:; 

 
Storage Vessel Costing Calculations 
 
Similar to the costing calculations for compressors—see Equipment Cost Summary, Compressor 
Costing—the capital cost of the storage vessels was estimated using a model from matches.com. 
The specific model used for the storage vessels is called “Vessel: Column, No Internals, Medium.” 
This model gives a range of 1000 to 70000 pounds (shell mass), and this range contains the mass 
of the shells designed in this project (see unit conversion below). The model from matches.com 
also provides estimates for multiple materials of construction, conveniently including stainless 
steel 316. See the outlined costing calculation below. 
 
The input on the website is “vessel weight” in pounds. 
 

5H.B,, = 13100	:; ∗
2.205	@W
:; = 29000	@WV 

 

29000	@W	+XVVX@	
*B`:=*,			H>9:@,BHH	H>BB,	%&(
x⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯⎯z 	$247,300	*f	2014 

 
Now, correcting for the 2014 costing index… 
 

QB,'R&S = �QB,'R&$Ä 9
Q|#Q}'R'R
Q|#Q}'R&$

< 

 

QB,'R'R = ($247,300) 9
599.5
576.1< = $257,000	*f	2020 
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Appendix II – Aspen HYSYS Flow Sheet and Stream Tables 
 
 
Figure 6:   Includes the Aspen HYSYS flow sheet and stream tables for all the system components in the ammonia synthesis and separation 
section s of the process.
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Appendix III – Other Supplementary Information 
 
Calculations for the Heat Evolved in the Reactor 
 
The heat evolved from the ammonia synthesis reaction is -91.8 kJ/mol at standard temperature and 
pressure (via the NIST online webbook). A hypothetical path is required to determine the enthalpy 
change in the reactor during steady state operation. The figure below shows the hypothetical path 
used here to determine the heat evolved in the reactor for the ammonia synthesis reaction. 
 

3"!(#) + $!(#) ⟺ 2$"%(#) 

 
Figure 7: Diagram for the hypothetical path used to calculate the heat evolved from the ammonia 
synthesis reactor. In the hypothetical path, the reactants are cooled to the standard temperature of 0 oC, the 
reaction occurs at standard conditions, and then the products are heated back to the reaction conditions. 
 
The hypothetical path has three steps. The first step is to determine the amount of heat that must 
be removed from the reactants to go from 380 oC to 0 oC. This can be done with the following 
equation. 
 

Δ"& = )*'!,!+),'! + F*!,!C+,*!.ΔT, 
 
Where *-,! represents the flow rate of species 0 that is fed to the reactor, +.,- is the heat capacity of 
species 0, and Δ1, is the temperature change from the inlet temperature to standard temperature. 
In this step, it is assumed that the small amount of ammonia in the feed stream (from the recycle) 
has a negligible effect on the heat evolved in the reactor. Therefore, it will not be included in the 
calculation of Δ"&. 
 
The second step of the hypothetical path accounts for the heat of formation of ammonia at standard 
temperature and pressure. Ammonia is formed from diatomic hydrogen and nitrogen, which are in 
their natural states. This means their heats of formation are zero, and only the heat of formation of 
ammonia needs to be considered. 

Δ"!

Δ""

Δ"#

Δ"$%&

Inlet

Outlet
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Δ"! = 2*'/",%Δ"0,'/"

1  
 
Where *'/",% is the molar flowrate of ammonia formed in the reactor, and Δ"0,'/"

1  is the heat of 
formation of ammonia. The equation must be multiplied by 2 to account for the stoichiometric 
ratio of ammonia synthesis in the reaction.  
 
Finally, the remaining reactants and the products need to heated back to the reactor temperature of 
380 oC. 
 

Δ"% = )*'!,%+),'! + */!,%+),/! + *'/",%+),'/".Δ12 
 
Where *-,% represents the flow rate of species 0 that leaves the reactor, +.,- is the heat capacity of 
species 0, and Δ12 is the temperature change from standard temperature to the reaction conditions. 
 
An assumption was made for the heat capacities of each species. The heat capacity of hydrogen 
and nitrogen does not change significantly with temperature, so the average of the heat capacity at 
the low and high temperatures was used in these calculations. The heat capacity of ammonia is 
more dependent on temperature, but there is less ammonia in the system than hydrogen and 
nitrogen. So the same assumption was made for ammonia’s heat capacity. The heat capacities were 
also assumed to be independent of pressure. The heat capacity data and heat of formation data 
came from the NIST online webbook. The temperature dependent heat capacity of each species 
took the following form. 
 

+),- = 2- + 3-1 + +-1! + 4-1% + 5-1,! 
 
Where 2- , 3- , +- , 4- , 5- are constants for species 0, and 1 is the temperature that the heat capacity 
is calculated at in Kelvin divided by 1000. The average heat capacity of each species between 0 
oC and 380 oC was calculated as follows. A sample calculation for nitrogen is shown below. 
 
Table 15: Heat capacity constants from the NIST online webbook that were used in the heat capacity 
calculations. 

 Nitrogen Hydrogen Ammonia 
A 28.98641 33.066178 19.99563 
B 1.853978 -11.363417 49.77119 
C -9.647459 11.432816 -15.37599 
D 16.63537 -2.772874 1.921168 
E 0.000117 -0.158558 0.189174 

 
Heat capacity for nitrogen gas at 0 oC: 
 

+),'!,!3% = 28.98641 + (1.853978) A
273K

1000
D + (−9.647459) A

273K

1000
D
!

+ (16.63537) A
273K

1000
D
%
+ (0.000117) A

273K

1000
D
,!
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+),'!,!3% = 29.1
F

GHI ∗ K
 

 
Heat capacity of nitrogen gas at 380 oC: 
 

+),'!,45% = 28.98641 + (1.853978) A
653K

1000
D + (−9.647459) A

653K

1000
D

!

+ (16.63537) A
653K

1000
D

%
+ (0.000117) A

653K

1000
D

,!
 

 

+),'!,45% = 30.7
F

GHI ∗ K
 

 
As can be seen here, the heat capacity of nitrogen gas barely changes with the 380 oC temperature 
difference. Therefore, the average of the high and low temperature heat capacities were used in the 
heat of reaction calculations. The average heat capacities were determined as follows. 
 

+.,'! =
+),'!,!3% + +),'!,45%

2
 

 

+.,'! =
29.1

F
GHI ∗ K

+ 30.7
F

GHI ∗ K
2

= 29.9
F

GHI ∗ K
 

 
The average heat capacity for each species used in the heat of reaction calculations can be seen in 
the table below. 
 
Table 16: Average heat capacity of the three species in the heat of reaction calculation. The heat capacity 
at 0 oC and 380 oC were averaged because the heat capacities of these three species have minimal 
dependence on temperature. 

 L6 	A
N

OPQ ∗ R
D 

Nitrogen 29.9 
Hydrogen 29.0 
Ammonia 41.0 

 
Now, the enthalpy change in each step of the hypothetical path can be determined. The molar flow 
rates used in these calculations are from the ammonia synthesis loop material balance hand 
calculations section. 
 

Δ"! = $%70.2 *+,-	/"ℎ1 2 %29.9 *4
*+,- ∗ 62 + %211

*+,-	""
ℎ1 2 %29.0 *4

*+,- ∗ 629 (2736 − 6536) 
 

Δ"& = −3.12 ∗ 104
SF

ℎU
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Δ"! = 2A28.1
SGHI	$"%

ℎU
D A−45,900

SF

SGHI	$"%
D 

 

Δ"! = −2.58 ∗ 104
SF

ℎU
 

 

Δ"% = VA56.2
SGHI	$!
ℎU

D A29.9
SF

SGHI ∗ K
D + A169

SGHI	"!
ℎU

D A29.0
SF

SGHI ∗ K
D

+ A28.1
SGHI	$"%

ℎU
D A41.0

SF

SGHI ∗ K
DW (653K − 273K) 

 

Δ"% = 2.94 ∗ 104
SF

ℎU
 

 
Finally, the heat evolved in the reactor can be determined by summing the three steps in the 
hypothetical path. 
 

Δ"789 = Δ"& + Δ"! + Δ"% 
 

Δ"789 = A−3.12 ∗ 104
SF

ℎU
D + A−2.58 ∗ 104

SF

ℎU
D + A2.94 ∗ 104

SF

ℎU
D 

 

Δ"789 = −2.76 ∗ 104
SF

ℎU
	 

 
This is the quantity of heat that must be removed from the reactor to maintain isothermal operation. 
Now, the quantity of water required to cool the reactor can be calculated using the heat of 
vaporization of steam at 5 bar (physical property data was obtained from Engineering Toolbox). 
 

Ġ: =
−Δ"789
Δ";<.

 

 

Ġ: =
2.76 ∗ 104 SF

ℎU

2107
SF

SY	"!Z

= 1,310
SY	"!Z
ℎU
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Net Present Value 20-year Breakdown 
 
Table 17: Breakdown of the net present value calculation for the 50 mt/day ammonia plant over the 20 
year lifetime. A 20-year MACRS depreciation was applied to the plant, which gave the highest NPV 
compared to shorter schedules. The corporate income tax was taken at 21%. The time value of money was 
set at 8%. The total capital cost of the plant was spread over the 30-month manufacture and assembly 
period, which began after the 6-month permit acquisition phase. Money is shown in millions of dollars. 

Y 
Capital 
Costs 

Gross 
Profit 

MACRS 
(%) 

MACRS 
($) 

Taxable 
Income 

Taxes 
Paid 

Cash 
Flow 

Present 
Value 

0 0 0 0 0 0 0 0 0 
1 -14.15 0 0 0 0 0 -14.15 -13.099 
2 -14.15 0 0 0 0 0 -14.15 -12.128 
3 -14.15 0 0 0 0 0 -14.15 -11.230 
4 0 1.97 0.0375 1.59 0.378 0 1.97 1.448 
5 0 1.97 0.07219 3.06 0 0.079 1.89 1.286 
6 0 1.97 0.06677 2.83 0 0 1.97 1.241 
7 0 1.97 0.06177 2.62 0 0 1.97 1.149 
8 0 1.97 0.05713 2.42 0 0 1.97 1.064 
9 0 1.97 0.05285 2.24 0 0 1.97 0.985 
10 0 1.97 0.04888 2.07 0 0 1.97 0.912 
11 0 1.97 0.04522 1.92 0.051 0 1.97 0.845 
12 0 1.97 0.04462 1.89 0.076 0.011 1.96 0.778 
13 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.718 
14 0 1.97 0.04462 1.89 0.076 0.016 1.95 0.665 
15 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.616 
16 0 1.97 0.04462 1.89 0.076 0.016 1.95 0.570 
17 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.528 
18 0 1.97 0.04462 1.89 0.076 0.016 1.95 0.489 
19 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.453 
20 0 1.97 0.04462 1.89 0.076 0.016 1.95 0.419 
21 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.388 
22 0 1.97 0.04462 1.89 0.076 0.016 1.95 0.359 
23 0 1.97 0.04461 1.89 0.076 0.016 1.95 0.333 
24 0 0 0.02231 0.95 0 0.016 -0.02 -0.003 
       NPV -21.21 
       IRR -0.007 

 
 
 
 


